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Abstract

Intensification of process heat exchangers has led to considerable interest in compact heat exchangers for evaporation. These heat
exchangers are characterised by multichannel passages with hydraulic diameters less than about 10 mm. In this article, two different
categories of channels composing compact heat exchangers are reviewed: small circular and rectangular channels (including studies of
individual channels and multichannel arrangements of parallel channels) and multichannel arrangements of straight perforated and serrated
fin passages. The regimes of the two-phase flow which occur in these passages differ from those in larger systems. The typical trends of
local heat transfer coefficient in small passages of compact heat exchangers show that it is easy to distinguish between the two dominant
mechanisms of boiling, nucleate and convective boiling. The insights relative to heat transfer mechanisms in small passages and the flow
patterns associated to convective and nucleate boiling regions are presented. In particular, the effects of vapour quality, mass flux, heat flux,
channel geometry/size, fin type, gravity and surface tension in each boiling region are highlighted. Literature correlations valuable in small
channels expressing the local boiling heat transfer coefficient as a function of vapour quality, mass flux, heat flux, fluid properties, fluid
pressure and channels dimensions are reported.
 2002 Éditions scientifiques et médicales Elsevier SAS. All rights reserved.
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1. Introduction

Over the past decade, compact heat exchangers have been
used more and more widely in applications involving phase
changes, mainly due to their multistream capabilities, high
thermal efficiencies, small size, low weight, design flexibil-
ity and energy savings [1–10]. Unlike shell-and-tube heat
exchangers, compact heat exchangers can be designed to
operate in a pure counterflow mode and can accommodate
multiple fluid streams. They allow a reduction in the quan-
tity of the fluid in the evaporator with a subsequent increase
in safety and, in the case of refrigeration systems, an in-
crease in environmental acceptability. Their reduced physi-
cal size leads to less material being used in their manufacture
and in the construction of associated equipment and build-
ings. Energy savings result from the reduction in heat losses
and the greater heat exchanger effectiveness obtainable. Re-
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cently there has been a growing awareness of the benefits
of process intensification, the reduction in plant size, for a
given capacity, by an order of magnitude or more, and this
has led to a requirement for smaller evaporators [9,10]. In
this article, two different categories of channels compos-
ing compact heat exchangers are reviewed: the small cir-
cular and rectangular channels (including studies of indi-
vidual channels and multichannel arrangements of parallel
channels (Fig. 1)), and the multichannel arrangements of
straight perforated and serrated fin passages (Fig. 2). In the
latter configuration, internal sub-channels are formed within
the corrugated finning which spans the flat plates separating
adjacent streams. Research on nucleate boiling in confined
spaces is also reviewed in relationship to phenomena occur-
ring in compact heat exchangers.

Compact heat exchangers have traditionally found wide
application in the transportation industry, where they are
used as evaporators and condensers in vapour-compression
cycles for refrigeration and air conditioning [5,6,10,11]. To-
day, there is widespread interest in expanding the range of
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Nomenclature

a thermal diffusivity . . . . . . . . . . . . . . . . . . . m2·s−1

Bo = q̇/(ṁLv), boiling number
Ca = µLṁ(x/ρV + (1− x)/ρL)/σ , capillary

number
CHF critical heat flux (heat flux required to initiate

dryout) . . . . . . . . . . . . . . . . . . . . . . . . . . . . . W·m−2

Co = [σ/{g(ρL − ρV )}]0.5/Dh, confinement
number

CoShah = [(1− x)/x]0.8(ρV /ρL)0.5, convection number
cp specific heat . . . . . . . . . . . . . . . . . . . . J·kg−1·K−1

D tube diameter . . . . . . . . . . . . . . . . . . . . . . . . . . . . m
Dh (= 4 flow area/wetted perimeter), hydraulic

diameter . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . m
Dhp (= 4 flow area/heated perimeter), hydraulic

diameter based on heated perimeter . . . . . . . . m
E enhancement factor for the enhancement model
F = αcv/αL, convective enhancement factor

defined by ratio of the two phase coefficient to
that for the liquid phase flowing alone

f Fanning friction factor
Fo = aL/(Ns2), Fourier number
Fr = ṁ2/(ρ2

LgDh), Froude number
h fin height . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . m
j∗
V = ṁxρ

−1/2
V [gDh(ρL − ρV )]−1/2), modified

Froude number
Lf interruption length (offset-strip fins) . . . . . . . . m
Lv latent heat of vaporisation . . . . . . . . . . . . . J·kg−1

M molecular weight . . . . . . . . . . . . . . . . . . . g·mol−1

ṁ mass flux . . . . . . . . . . . . . . . . . . . . . . . kg·m−2·s−1

N emission frequency of coalesced bubble . . . s−1

npm number of fins per meter
Nu = αDh/λ, Nusselt number
p pressure. . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . Pa
pred = p/pcr, reduced pressure
Pr = µcp/λ, Prandtl number
q̇ heat flux . . . . . . . . . . . . . . . . . . . . . . . . . . . . W·m−2

Ra wall roughness . . . . . . . . . . . . . . . . . . . . . . . . . . . m
Re = ṁDh/µ, Reynolds number
ReL = ṁ(1− x)Dh/µL, liquid-phase Reynolds

number
ReT L = ṁDh/µL, Reynolds number of total flow

regarded as liquid
ReV = ṁxDh/µV , vapour-phase Reynolds number
S suppression factor
s fin spacing, clearance of a space . . . . . . . . . . . m

T temperature . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . K
X = ("pF,L/"pF,V )

1/2 = [(fL/fV )(ρV /ρL)]1/2
× (1− x)/x, Martinelli parameter (general
definition)

Xtt = [(fL/fV )(ρV /ρL)]1/2(1− x)/x, Martinelli
parameter for the particular case where the liquid
and vapour phases are turbulent

x vapour quality

Greek symbols

α heat transfer coefficient . . . . . . . . . W·m−2·K−1

αcv convective boiling heat transfer
coefficient . . . . . . . . . . . . . . . . . . . . . W·m−2·K−1

αL heat transfer coefficient for the liquid phase
flowing alone (based oṅm(1− x)) W·m−2·K−1

αnb nucleate boiling heat transfer
coefficient . . . . . . . . . . . . . . . . . . . . . W·m−2·K−1

αTL heat transfer coefficient for the total mass flow
rateṁ flowing as a liquid . . . . . . . . W·m−2·K−1

"pF frictional pressure drop on flow length"z;
liquid phase flowing alone
("pF,L = 2fLṁ

2(1− x)2"z/(ρLDh)), vapour
phase flowing alone
("pF,V = 2fVṁ

2x2"z/(ρVDh)) . . . . . . . . . . Pa
"Tsat = Tw − Tsat, difference between the wall

temperature and the saturation temperature . . K
"z flow length . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . m
δ fin thickness . . . . . . . . . . . . . . . . . . . . . . . . . . . . . m
λ thermal conductivity . . . . . . . . . . . . W·m−1·K−1

µ dynamic viscosity . . . . . . . . . . . . . . . . . . . . Pa·s−1

ρ density . . . . . . . . . . . . . . . . . . . . . . . . . . . . . kg·m−3

σ surface tension . . . . . . . . . . . . . . . . . . . . . . N·m−1

Subscripts

cr critical
L liquid properties, or corresponding to liquid

portion flowing alone in the channel
L0 corresponding to entire flow as liquid
sat saturation
tr transition between the two boiling regions
tt corresponding to turbulent liquid and vapour

flow
V vapour properties
w wall

application of compact heat exchangers to include phase-
change heat transfer in chemical process industries, among
others [1,2,5–7,11–14]. In particular, applications of com-

pact evaporators and condensers include control of tempe-
rature-sensitive processes, diabatic distillation, hydrocarbon
separation, cryogenic processing systems for liquefaction of

gas (nitrogen, helium, natural gas) and the separation of
oxygen and nitrogen. There are also a number of actual and
potential applications in which a compact heat exchanger

passage geometry is needed to facilitate highly-efficient
heating or cooling process involving boiling or condensa-
tion. Instead of heat transfer between two streams, these ap-
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plications may involve transport of heat to or from a con-
densing or evaporating stream due to its proximity to a con-
tinuous source or sink of thermal energy. Applications of this
type may include condensation in passages of spacecraft ra-
diator panels, vaporisation of coolants in cold plates for elec-
tronics cooling in the field of microelectronics, vaporisation
in coolant passages in fusion reactor walls, thermal control
of avionics in high-performance military aircraft, thermal
control of spacecraft payloads [5,15–19]. In the case of nu-
clear engineering, narrow channels can be used in plate-type
nuclear fuel element cooling. They are encountered in high
conversion nuclear reactors, liquid metal cooled reactors and
high flux research reactors [1,2,16,19,20]. For instance, in
high conversion pressurised water reactors, distances be-
tween rods in fuel bundles can be as narrow as 1 mm. Due
to the urgent needs for cooling electronic components and
devices, microscale heat transfer technologies such as mini
heat exchangers with flow channels having dimensions rang-
ing from the order of several hundred to 0.1 µm have been
developed. These microchannels and mini heat exchangers
have also found their application in reactors for modification
and separation of biological cells, selective membranes and
liquid/gas chromatographies [17,18].

The operating conditions within the small passages of
compact heat-exchangers are also very dissimilar to those
in other forms employing, for example, large round tubes.
There are several features of the operating characteristics of
compact surfaces in vaporisation and condensation applica-
tions that strongly affect how they will perform. First, com-
pact heat-exchangers are characterised by a small passage
hydraulic diameter of a few millimetres and a very large

Fig. 1. Diagram of multichannel arrangement consisting of plate with
parallel small channels.

surface-area-to-volume ratio (>700 m2·m−3 according to
Shah [21]). The second important operating feature relates
to the complexity of the passage and its impact on pressure
drop [5]. Complexities in phase-change heat transfer are also
due to the fact that compact evaporators and condensers typ-
ically operate through the laminar, transition and turbulent
flow regimes. Moreover, the flow regimes present in small
channels have been observed to differ from those in large
channels [22]. In phase-change heat transfer in compact heat
exchangers, in addition to fluid properties, heat flux, mass
flux and vapour quality, the major parameter that can have
a direct effect on the heat transfer coefficient and two-phase
flow phenomena is channel geometry and size [3]. The op-
erating conditions (mass and heat fluxes) depend on the type
of compact heat exchanger and its application. For exam-
ple, operation of compact plate-fin heat exchangers is usu-
ally associated with cryogenic plants. Therefore, the features
of the design which reflect the operational requirements of
cryogenic plant are the very low temperatures differences
of the order of a few Kelvin between process streams, and
the concomitant low heat fluxes (lower than 4 kW·m−2).
Moreover, to avoid excessive pressure drop of the evapo-
rating fluid, mass fluxes in finned passages are often less
than 100 kg·m−2·s−1 [5,12,13]. According to Wadekar [23],
generally industrial reboilers operate at moderate exit quali-
ties and at low to moderate mass fluxes, where convective
heat transfer associated with slug and churn flow is sus-
ceptible to dominate. The heat transfer characteristics under
these conditions are significantly different from those exhib-
ited at higher quality and higher mass flux. At the opposite
of plate-fin heat exchangers, according to Wambsganss et
al. [24], Tran et al. [25], in compact heat-exchangers com-
prising small multichannels operating in parallel, the higher
heat transfer surface area density inherent in compact heat
exchangers allows attainment of significantly higher heat
flux levels in two-phase flows relative to conventional cir-
cular tube exchangers. Cornwell and Kew [3], Wambsganss
et al. [24] also underlined that to avoid unacceptably high
pressure drops, the small channel cross section led to low
mass fluxes with Reynolds numbers typically in the laminar
regime for the subcooled liquid.

Compared to gas–liquid flow in large channels or single-
phase flow in compact heat-exchangers, fewer data relating
to two-phase flow and boiling heat transfer in compact

Fig. 2. Diagrams of typical straight perforated (a) and serrated (b) fin passages.
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heat exchangers are available. A significant barrier to the
application of compact evaporators and condensers in the
process industries is the lack of validated design correlations
to predict the heat transfer coefficient and an industrial
standard. The development of design correlations requires
an accurate data base, a knowledge of the prevailing flow
regimes and the understanding of relationship between
flow and heat transfer and of the physical mechanisms
involved. With regard to the physical mechanisms of heat
transfer, it is important to know whether the dominant heat
transfer mechanism is forced convection or nucleation, and
for what range of pertinent parameters each mechanism
is dominant. This importance stems from the fact that
the analyst must know and understand the mechanisms to
appropriately model and correlate the heat transfer data,
while the designer must know the dominant mechanism in
order to appropriately apply the design correlations available
to him.

In the present work, first experimental studies on flow
boiling considered to be pertinent to compact heat exchang-
ers are presented by giving for each study channel geom-
etry/size, test conditions and fluids used. Then, the differ-
ent flow pattern configurations susceptible to be observed
during flow boiling in small passages of compact heat ex-
changers are enumerated, paying attention to the effect of
different parameters such as channel dimensions. By refer-
ring to the results of previous researches, the typical trends
of heat transfer coefficient in the two regions of boiling, nu-
cleate and convective boiling regions are presented as well
as the tools to distinguish between the two mechanisms of
flow boiling and operating conditions at transition between
both boiling regions. Then, basing on the results of different
experimental studies, the objective of the present article is to
analyse the heat transfer characteristics and associated flow
patterns in the small passages of compact heat exchangers
in each boiling region separately. In particular, the effects of
vapour quality, mass flux, heat flux, channel geometry/size,
gravity and surface tension in each boiling region are high-
lighted. Some interesting correlations to predict the boiling
heat transfer coefficient formulated by researchers, valuable
in channels of small dimensions, in the nucleate or convec-
tive boiling regions, are reported in the last part of the article.

2. Presentation of experimental studies

Studies of saturated flow boiling in small passages of
compact heat exchangers can be categorised according to
studies of multichannel arrangements of compact plate-fin
heat exchanger passages (with offset strip or perforated fins)
and small, circular and rectangular channels. Most of these
studies are reviewed afterwards. Some experimental studies
on nucleate boiling in confined spaces considered to be
pertinent to compact heat exchangers are also reviewed.

2.1. Presentation of experimental studies in multichannel
arrangements of straight perforated and serrated fin
passages

The fin geometries, test conditions and fluids used in ex-
perimental researches on the determination of boiling heat
transfer coefficients in multichannel arrangements of com-
pact plate-fin heat exchanger passages are summarised in
Table 1. In the first studies, only overall heat transfer coeffi-
cients in compact heat exchangers with offset-strip or perfo-
rated fins were determined from global measurements [26–
30]. In more recent studies in compact offset-strip and per-
forated fin heat exchanger passages (Robertson, Wadekar
and co-workers at Heat Transfer and Fluid Flow Services
(HTFS) and Carey and co-workers at the University of
California-Berkeley), local boiling heat transfer coefficients
(i.e., at given axial positions) were measured and presented
against vapour quality, over a large range of vapour quality,
mass and heat fluxes.

In the studies of Robertson, Wadekar and co-workers,
the fin passages were formed by the finning sandwiched
between two aluminium side-plates. The test section was
representative of a portion of one channel of a plate-
fin heat exchanger. It was heated by electrical heaters
producing a reasonably uniform heat flux on the inner
faces of both aluminium side plates in contact with the
test fluid. Moreover, the ranges of operational parameters
used in their experiments (low mass and heat fluxes) were
representative of industrial applications in the chemical
process industry. Robertson [12,31] and Robertson and
Clarke [32] analysed the variation of local convective boiling
coefficients with vapour quality, mass flux and pressure,
from tests with liquid Nitrogen in vertical channels with
perforated and serrated fins. Robertson and Lovegrove [13,
33] measured the local boiling coefficients of Freon 11
in a vertical serrated plate-fin passage. Robertson and
Wadekar [34] and Wadekar [4] reported their findings about
boiling heat transfer characteristics of cyclohexane and
heptane respectively against vapour quality and mass flux
in a vertical perforated plate-fin passage at a low pressure of
150 kPa.

Carey and his co-workers [1,2,35] studied single-phase
and flow boiling heat transfer of different fluids in offset-
strip fins test sections made up of copper slabs. The
test section was electrically heated on one side with an
adiabatic glass-plate cover on the other side to allow for
visualisation of the boiling process and associated flow
patterns. Tests were performed with the test section oriented
horizontally [35] as well as vertically [1,2]. They reported
the single-phase and local boiling heat transfer coefficients
on the heated portion of the channel against vapour quality,
for different mass fluxes. It should be noted that the aspect
ratios of the passages were not typical of compact plate-fin
heat exchangers.

Koyama et al. [36] experimentally investigated the char-
acteristics of heat transfer and flow patterns on the falling
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Table 1
Summary of research studies with multichannel arrangements of straight perforated and serrated fin passages

Researcher(s) Lf /h/δ/s npm Dh ṁ q̇ Superheat Fluids Form of Orientation/Heating psat
(mm) (mm) (kg·m−2·s−1) (kW·m−2) (K) fins (kPa)

Robertson [12] 3.18/6.15/0.2/1.49 591 2.4 11–110 <4 0.4–1.5 Nitrogen Offset-strip Vertical upflow 300
Both sides
electrically heated

Robertson [31] −/6.15/0.2/1.49 590 2.4 37–120 <4 Nitrogen Perforated Vertical upflow 140–520
Both sides
electrically heated

Robertson and −/6.15/0.2/1.49 590 2.4 37–0120 <4 Nitrogen Perforated Vertical upflow 140–500

Clarke [32] Both sides
electrically heated

Robertson and 3.18/6.15/0.2/1.49 591 2.4 34–159 <4 0.5–1.5 R11 Offset-strip Vertical upflow 300–700
Lovegrove [13,33] Both sides

electrically heated

Robertson and −/6.15/0.2/1.49 590 2.4 50–290 1–10 Cyclohexane Perforated Vertical upflow 150

Wadekar [34] Both sides
electrically heated

Wadekar [4] −/6.15/0.2/1.49 590 2.4 50–290 <4 0.5–1.7 n-heptane Perforated Vertical upflow 150
Both sides
electrically heated

Carey and 12.7/3.8/1.59/7.93 105 5.14 3–100 Methanol, Offset-strip Vertical upflow 100
Mandrusiak [1] butanol One side electrically

and water heated

Mandrusiak 12.7/3.8/1.59/7.93 105 5.14 3–320 Methanol, Offset-strip Vertical upflow 100
and Carey [2] 12.7/9.52/1.91/8.29 98 8.86 3–320 butanol, One side electrically

12.7/1.91/1.59/7.93 105 3.08 3–320 water and R113 heated

Mandrusiak et al. [35] 12.7/3.8/1.59/7.93 105 5.14 4–60 Methanol, Offset-strip Horizontal 100
butanol One side electrically
and water heated

Koyama et al. [36] 3.30/6.147/0.203/1.275 677 2.11 28, 55, 30, 50 R123 Offset-strip Vertical downflow 100
70 One side electrically

heated

Feldman [37,38] 3.18/6.93/0.2/1.21 (osf1) 709 2.06 19–49 1.4–3.54 R114 Offset-strip Vertical upflow 300
9.52/6.93/0.2/1.16 (osf2) 736 1.985 19–49 1.4–3.54 R114 Offset-strip Both sides
−/6.93/0.2/1.21 (perf1) 709 2.06 19–49 1.4–3.54 R114 Perforated electrically heated
−/3.23/0.2/1.21 (perf2) 709 1.76 19–49 1.4–3.54 R114 Perforated
−/6.93/0.2/0.95 (perf 3) 866 1.68 19–49 1.4–3.54 1.2–3 R114 Perforated

Watel and Thonon [39] 3.175/6.93/0.2/0.888 919.2 1.574 12–71 0.2–7.4 0.2–2 Propane Offset-strip Vertical upflow 800
Fluid (glycoled
solution) heated
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film evaporation of pure refrigerant HCFC123 flowing
downward in a vertical rectangular channel with serrated
fins. The test section was electrically heated on one side with
a transparent plate cover on the other side to observe the flow
pattern in the evaporation process directly. They analysed the
variation of local convective boiling coefficients with vapour
quality, mass flux and heat flux.

In recent years, GRETh (Groupement pour la Recherche
sur les Echangeurs Thermiques) has been engaged in re-
search into the compact plate-fin heat exchanger in two-
phase applications. In particular, Feldman [37,38] analysed
local boiling heat transfer coefficients against vapour qual-
ity, deduced from upflow boiling tests of CFC114 in ser-
rated and perforated fin vertical passages of different sizes,
sandwiched between electrically heated plates, at a satura-
tion pressure of 0.3 MPa and different heat and mass fluxes.

Watel and Thonon [39] presented local heat transfer
results of experiments during boiling of a pure refrigerant
(propane) during a vertical upflow inside a compact serrated
plate fin exchanger. The heat duty of the heat exchanger
to evaporate propane was given by a glycol–water solution,
both fluids flowing in counter-current.

2.2. Presentation of experimental studies in small circular
and rectangular channels

To understand the heat transfer mechanisms occurring in
compact heat exchangers, interesting information can be ob-
tained from the studies on flow boiling in small channels.
Most of the studies presented below relate to boiling in indi-
vidual, small, circular and rectangular channels as a part of
a study of compact two-phase heat exchangers, while some
other authors [3,8,17] directly used heat exchangers test sec-
tions characterised by small multichannel passages operat-
ing in parallel (Fig. 1). Channel geometry, test conditions
and fluids used in those studies are summarised in Table 2.

Lazarek and Black [40] measured the local boiling heat
transfer coefficient, pressure drop and critical heat flux for
saturated flow boiling of R113 in an individual 3.15 mm
diameter vertical circular tube. The smooth stainless steel
tube was uniformly heated by supplying to it direct current
electrical power. Inlet subcoolings (differences between the
saturation temperature and the fluid temperature at the inlet
of the tube) spanned the range 3 to 73 K. They presented
their experimental boiling curves and the plot of local
boiling heat transfer coefficients as a function of vapour
quality and heat flux.

Troniewski and Witczak [41] studied flow boiling of
water in individual electrically heated rectangular channels,
oriented both vertically and horizontally. They plotted the
local boiling heat transfer coefficients against vapour quality,
for fixed heat and mass fluxes and against heat flux, for fixed
vapour qualities and mass fluxes.

Kenning and Cooper [42] obtained experimental data
for upflow boiling of water in individual vertical tubes of
9.6 and 14.4 mm diameters. The test section formed from

cupronickel tubing was uniformly heated by current from
a DC rotary generator. They reported the local boiling heat
transfer coefficients against vapour quality, for fixed heat and
mass fluxes.

Moriyama et al. [20] investigated flow pattern, pressure
drop and local heat transfer of R113 in saturated flow boiling
in single narrow rectangular horizontal channels with width
of 30 mm and height in the range 35–110 µm formed
between two horizontal parallel plates. The lower and upper
walls consisted of respectively a nickel plate and a heater
plate uniformly joule-heated. The gap between the plates
was adjusted by a spacer made of nickel foil. They presented
the local boiling heat transfer coefficients against vapour
quality and the boiling curves, for different mass fluxes.

Cornwell and Kew [3] visualised the different flow
regimes exhibited by flow in a vertical multichannel heat
exchanger in which refrigerant R113 was evaporated and
measured mean boiling heat transfer coefficients, for fixed
heat and mass fluxes. They reported heat transfer coefficients
against heat flux. The test section was representative of
a single plate within a compact evaporator. Parallel flow
channels were machined into one surface of an aluminium
block, electrically heated by five cartridge heaters. A glass
plate was clamped over the front surface of the block to
allow flow observation.

Peng and Wang [17] experimentally investigated the
single-phase forced-flow convection and boiling character-
istics of subcooled water flowing through horizontal mi-
crochannels operating in parallel with rectangular cross-
section 0.6 × 0.7 mm2. The liquid subcooling varied from
40 to 70 K. Three parallel identically sized microchannels
were machined into the top surface of the stainless steel plate
2 mm thick, being uniformly distributed on the plate. The
stainless steel plate was electrically heated by use of an elec-
trical current transformer matched with an SCR voltage reg-
ulator, so that reasonably uniform heat fluxes were applied
on three sides of each channel. A cover made of Pyrex was
fixed on the plate and allowed to observe the flow. The au-
thors inspected the influences of liquid velocity and subcool-
ing on the experimental boiling curves.

Wattelet et al. [11] presented experimental local boiling
heat transfer coefficients against vapour quality, for two dif-
ferent refrigerants (HFC-134a and CFC-12) flowing in an
individual 10.21 mm diameter horizontal, smooth copper
tube for fixed heat and mass fluxes. Heat was applied to the
tube using electric resistance heaters wrapped along the tube.
Flow patterns during the evaporating process were deter-
mined by strobe-light-enhanced visual observation through
sight glasses at the inlet and outlet of the test section. Wat-
telet et al. [14] supplemented the previous work by perform-
ing the experiments for the same refrigerants flowing in a
7.04 mm diameter horizontal, smooth copper tube, at lower
mass flux conditions.

Tran, Wambsganss and their coworkers studied local flow
boiling of different refrigerants in single small rectangular or
circular channels. The channel dimensions were representa-
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Table 2
Summary of research studies with small circular and rectangular channels

Researcher(s) Channel size Dh ṁ q̇ "Tsat Fluids Geometry Orientation/Heating psat
(mm) (mm) (kg·m−2·s−1) (kW·m−2) (K) (kPa)

Lazarek and 3.15 127–750 14–380 3.5–20 R113 Circular Vertical (upflow and 130–410
Black [40] Single-channel downflow)

Electrically heated

Troniewski and 16.3× 10.9 13.1 30–160 5–40 Water Rectangular Vertical and horizontal 100
Witczak [41] 21× 8.5 12.1 Single-channel Electrically heated

24× 7.4 11.4

Kenning and 9.6 123–630 <400 Water Circular Vertical upflow 160–600
Cooper [42] 14.4 55–334 <100 Single-channel Electrically heated

Moriyama et al. [20] 30× 0.11 0.22 200–1000 4–30 R113 Rectangular Horizontal 100–200
30× 0.035 0.07 Single-channel Upper wall electrically

heated

Cornwell 1.2× 0.9 1.03 117–627 3–20 R113 Rectangular Vertical upflow
and Kew [3] 3.25× 1.1 1.64 Multichannel Three sides of the channel

electrically heated

Peng and 0.6× 0.7 0.647 1500–4000 20–1000 Water Rectangular Horizontal 100
Wang [17] Multichannel Three sides of the

channel electrically heated

Wattelet et al. [11] 10.21 100–500 5–30 R12 Circular Horizontal 363
R134a Single-channel Electrically heated 350

Wattelet et al. [14] 7.04 25–100 2–10 R12 Circular Horizontal 180–360
R134a Single-channel Electrically heated 165–350

Wambsganss et al. [24] 2.92 50–300 8.8–91 7.2–18.2 R113 Circular Horizontal 124–160
Single-channel Electrically heated

Tran et al. [6] 4.06× 1.7 2.4 54–396 4–34 1.8–5 R12 Rectangular Horizontal 760–950
Single-channel Electrically heated

Tran et al. [25] 2.46 63–832 3.6–59.5 1.2–6.6 R12 Circular Horizontal 510, 820
1.7× 4.06 2.4 44–505 5.6–129 1.8–8.2 R12 Rectangular Electrically heated 820

Single-channel

Tran et al. [7] 2.46 92–476 7.9–49.8 2.8–7.1 R134a Circular Horizontal 400–800
Single-channel Electrically heated

Mertz et al. [8] 1× 1 1 50–300 3–200 Water and Multichannel: Vertical upflow 100, 200
1× 2 1.33 for multichannel R141b rectangular Three sides electrically
1× 3 1.5 test section, Single-channel: heated
2× 2 2 200–700 rectangular&
2× 4 2.67 for single-channel semi-circular
3× 3 3 and prototype

Shin et al. [43] 7.7 265–742 10–30 R22, R32, Circular Horizontal flow Tsat= 12◦C
R134a, Single-channel Electrically heated
R290, R600a

Kew and 1.39–3.69 188–1480 9.7–90 R141b Circular Horizontal flow, 100
Cornwell [9] Single-channel Electrically heated

Oh et al. [10] 2 240–720 10–20 R134a Circular Horizontal flow, 400
1 Single-channel Electrically heated

0.75

Kureta et al. [44] 2 100–5000 <2000 Water Circular Vertical upflow, 100
6 Single-channel Electrically heated
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tive of flow passages in compact heat exchangers. The test
channels were uniformly heated by passing electrical current
through the channel walls. Wambsganss et al. [24] reported
local boiling heat transfer coefficients against vapour quality
for R113 flowing in a 2.92 mm diameter stainless steel hori-
zontal tube, for fixed heat and mass fluxes. Tran et al. [6] pre-
sented experimental boiling heat transfer coefficients against
vapour quality and boiling curves for R12 flowing in a small
rectangular horizontal brass channel (Dh = 2.4 mm). Tran
et al. [7,25] reported local boiling heat transfer coefficients
against vapour quality and mass flux as well as boiling
curves for R12 and R134a flowing in a small circular channel
(D = 2.46 mm) and a small rectangular channel (Dh = 2.4
mm), both horizontal and fabricated from brass.

Mertz et al. [8] studied flow boiling heat transfer of wa-
ter and R141b in vertical copper multichannel and single-
channel test-sections and an industrial prototype. More pre-
cisely, the multichannel test surfaces consisted of planar
copper plates with rotary-grinded narrow rectangular paral-
lel channels. These plates were sandwiched between a cop-
per block electrically heated by heater cartridges and a glass
plate for observation and photography of the boiling phe-
nomena in the channel test sections. As industrial prototype,
a section of a commercial extruded compact heat exchanger
was used, made of aluminium with 8 parallel channels. They
presented the experimental boiling curves and the average
and local heat transfer coefficients against heat flux.

Shin et al. [43] presented experimental data of local
convective boiling heat transfer coefficients against vapour
quality, for different refrigerants flowing in a single 7.7 mm
diameter stainless steel horizontal tube, for fixed heat and
mass fluxes. The tube was uniformly heated by applying
electric current directly to the tube.

Kew and Cornwell [9] measured pressure drop and local
boiling heat transfer coefficients for R141b flowing through
narrow horizontal single-tube test sections with diameters of
1.39–3.69 mm. All test sections were thin-walled stainless
steel tubes and were heated by passage of a DC electric
current along the tube. The test section was enclosed in
a 22 mm diameter copper tube which was heated with
three independently controlled guard heaters. The authors
presented the measured variation in boiling heat transfer
coefficient with vapour quality, for fixed heat and mass
fluxes. In parallel, they used another flow loop to visualise
the adiabatic two-phase upflow within the channels of a
vertical multichannel test section either directly through a
window or by video or photographic means.

Oh et al. [10] conducted a study for a high efficiency heat
exchanger which uses capillary tubes for refrigeration, air-
conditioning and heat pump applications. They examined
the effects of capillary tube diameters, vapour qualities, heat
fluxes and mass fluxes on the measured local heat transfer
coefficients and pressure drops of R134a evaporating inside
a single capillary horizontal tube. A uniform heat flux on the
copper capillary tube was obtained by using a flexible heater
wrapped around the outside wall of the tube.

Kureta et al. [44] measured pressure drop and local heat
transfer coefficients for boiling two-phase flows of water in
single small-diameter vertical tubes at atmospheric pressure,
high heat fluxes and inlet water subcooling of 80 K. The
test section was joule-heated by a stabilised direct-current
electric power supply. By plotting the boiling curves and
Nusselt numbers against vapour quality for different tests,
they studied the effects of tube diameter, distance from the
entrance of the heated section, mass flux and heat flux on
subcooled and saturated boiling heat transfer.

2.3. Presentation of experimental studies in confined
spaces

Several researches have been carried out on nucleate
boiling in confined spaces formed by either annuli or narrow
gaps between flat plates. Since nucleate boiling can be
a dominant heat transfer mechanism for flow boiling in
small channels, useful information about the mechanisms
of boiling in compact heat exchanger passages can be
obtained from the investigations of nucleate boiling in
confined spaces. Therefore, some of them are reviewed
below. Channel geometry, test conditions, and fluids used
in these studies are summarised in Table 3. In almost all
these studies [16,45–49], the flow was induced by natural
circulation and the fluid flow velocities were inherently low.
Only in the presented study of Aritomi et al. [50], there was
a forced flow.

Ishibashi and Nishikawa [45] reported the results of ex-
periments conducted on saturated nucleate boiling of several
fluids in various vertical annuli, for different pressures and
heat fluxes. They clarified the space restriction effect on the
saturated boiling heat transfer phenomena. The cylindrical
inner surface made of copper was electrically heated and the
outer surface was transparent to allow for visualisation of
the boiling process. The upflow was induced by natural con-
vection. They reported the boiling heat transfer coefficients
against heat flux and gap size, for various pressures. They
also measured bubble emission frequency in the coalesced
bubble region.

Jensen et al. [46] determined experimentally the boiling
heat transfer characteristics of water and critical heat flux in
a restricted annular geometry simulating the annulus formed
by tube-baffle assemblies such as those encountered in a
shell-and-tube heat exchanger. The test section consisted
of an horizontal annular geometry immersed in a pool
of saturated water. The inner tube of the annular space
was made of stainless steel, 12.7 mm diameter and heated
electrically by direct current power conducted through two
aluminium bus bars. The baffle was simulated by a square
piece of transite, of various thickness and with a hole
representing the outer tube drilled in the centre, the size of
which depended on the clearance desired between tube and
baffle. Eleven annular gaps were tested. Jensen et al. [46]
presented the experimental boiling curves, for various gap
sizes.
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Table 3
Summary of research studies with confined spaces

Researcher(s) Test section dimensions ṁ q̇ Fluids Orientation/ psat
(mm) (kg·m−2·s−1) (kW·m−2) Heating (kPa)

Ishibashi and Annulus; Inner diameter: 50; 0.8–67.4 Water Vertical upflow (natural circulation) 100–1100
Nishikawa [45] Annular gap: 0.6–2 (four gaps) Inner surface electrically heated

Annulus; Inner diameter: 80; Water, sodium 100
Annular gap: 1–20 (eight gaps) oleate and saponin

aqueous solutions,
ethyl alcohol

Jensen et al. [46] Annular geometry 3–1000 Water Horizontal annulus
Inner diameter: 12.7 Inner surface electrically heated
Annular gap: 0.076–1.016 (11 gaps)

Aoki et al. [47] Annulus; Inner diameter: 42 4–48 Water Vertical upflow (natural circulation) 100
Annular gap: 0.2–1.5 (six gaps) Inner surface electrically heated

Fujita et al. [48] Narrow channel between 30 mm 5–600 Water Vertical upflow (natural circulation) 100
wide flat plates; Gap: 0.15, 0.6, 2, 5 One surface electrically heated

Xia et al. [16] Narrow channel between flat plates 0.2–300 R113 Vertical upflow (natural circulation) 100
Gap: 0.8, 1.5, 3, 5,∞ Two vertical parallel plates with

symmetric electrical heating

Mertz et al. [49] Narrow channel between 30 mm 20–250 Water Orientations tested: 100
wide and 120 mm high flat plates; 10–100 R113 vertical, horizontal and 45◦ with 100
Gap: 1, 2, 3, 4, 5,∞ heated surface facing upwards

One surface electrically heated

Aritomi et al. [50] Annulus; Inner diameter: 10 30–603 0–100 R113 Vertical upflow (forced flow) 100
Annular gap: 0.5, 1, 2, 3 Inner surface electrically heated

Aoki et al. [47] performed an experimental study on
the nucleate pool boiling phenomena within narrow annular
gaps using water. The test section consisted of a vertical
annular channel whose inner tube was made of stainless
steel and heated electrically with a cartridge heater inserted
within the tube. The outer tube, made in Pyrex, allowed
to observe the drying and wetting process. The gap width
between the two tubes was varied between 0.2 and 1.5 mm.
The experimental apparatus was mounted in a pool of water.
One of the cases they studied is the case in which water could
flow by natural circulation through the gap from the bottom
to the top. They presented the experimental boiling curves,
for various gap sizes.

Fujita et al. [48] investigated nucleate pool boiling
heat transfer and critical heat flux for saturated water in
a confined narrow space bounded by a vertical copper
rectangular heating plate and an opposed unheated parallel
rectangular glass plate. The assembly was installed in the
middle of an inner boiling vessel. The flow was induced
by natural convection. Three different peripheral conditions
were tested. The first was an open periphery where four
edges of a confined space were open to the bulk liquid.
The second was a closed side periphery where both side
edges were closed and the top and bottom edges were
open. The third was a closed side and bottom periphery
where only the top edge was open to the bulk liquid.
The heat flux to the heating surface was supplied by
conduction through a copper block from electric heaters.

Visual observation by still pictures was carried out along
with heat transfer measurements. The authors presented the
experimental boiling curves, for various combinations of gap
size and periphery conditions.

Xia et al. [16] presented experimental data of boiling heat
transfer coefficients of saturated R113 in vertical narrow
channels. The channels consisted of a pair of flat vertical
parallel plates with symmetric electric heating, either both
transparent quartz or both porcelain. The porcelain plates
were used for the measurement of temperature distribution
on the boiling surface. The transparent quartz plates were
used for the observation and photography of the flow pattern.
The gap size between the heating plates was varied between
0.8 mm and∞ (pool boiling on a single vertical plate).
The test section was installed in the middle of a boiling
tank containing the liquid at saturated state. The flow in
the channel resulted from natural convection. The authors
presented the experimental boiling curves and boiling heat
transfer coefficients against gap size, for fixed heat fluxes.

Pool boiling tests were carried out at GRETh (Groupe-
ment pour la Recherche sur les Echangeurs Thermiques) [49]
for saturated water or R113 in a confined narrow space
bounded by a 30 mm wide and 120 mm high heating copper–
aluminium–nickel alloy block and an opposed unheated par-
allel rectangular Lexan plate. The assembly was immersed in
a pool of saturated working fluid. The heat flux to the heating
surface was supplied by conduction through the alloy block
from electric heaters. The parameters investigated were the
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orientation of the confined space (vertical, horizontal and
45◦ with the heated surface facing upwards), the periph-
eral boundary condition (all four edges open, or side edges
closed and top and bottom edges open) and the gap size (1–5
mm and the unconfined space). In addition, in order to gain
insight into the flow patterns in the confined space, a high-
speed camera was used to obtain flow visualisation data dur-
ing boiling of R113. The authors presented the experimental
boiling curves for both tested fluids, for various combina-
tions of gap size and periphery conditions.

Aritomi et al. [50] investigated the effect of channel gap
on the upflow saturated boiling of R113 in various vertical
annuli. The inner surface was electrically heated and the
outer surface was transparent. They performed steady-state
tests with forced flow for controlled inlet fluid temperature,
flow rate and heat flux and also performed reflooding
tests. They plotted the experimental boiling curves andF

parameter against the Lockhart–Martinelli parameter.

3. Flow patterns in small channels

The estimation of flow boiling heat transfer requires a
knowledge of the prevailing flow regimes. The flow pattern
during vaporisation of a given fluid flowing inside a small
heated passage depends on the four main parameters: mass
flux ṁ, heat fluxq̇, vapour qualityx and channel size. The
study of two-phase flow has predominantly consisted of flow
in medium size circular tubes of diameter larger than 10 mm.
Recently the research has expanded to include studies in
narrower rectangular or circular channels. The flow regimes
present in small channels and the behaviour of a gas–liquid
mixture confined to the space in narrow channels differ
from those in large channels due to the increased surface
forces and frictional pressure drop. Numerous authors [37]
(Table 1), [9] (Table 2), [19,22,51–57] determined by visual
observation flow patterns during adiabatic flow of a gas–
liquid mixture (air/water mixture most of the time) in small
horizontal channels or small vertical channels with upwards
gas–liquid two-phase flow. Some of them presented flow
regime maps in terms of liquid and vapour superficial
velocities independent of heat flux (since their tests were
adiabatic). Other investigators [1,2] (Table 1), [3,8,11,14,20]
(Table 2), [16,45] (Table 3), [58] observed the successive
flows obtained during flow boiling in heated channels for
imposed channel size, heat and mass fluxes.

3.1. Sequence of flow patterns with increasing vapour
quality

In general, the flow pattern configurations susceptible
to be observed successively during upflow boiling in small
vertical heated channels with increasing vapour quality are
given as follows.

Isolated bubbles flow(typical of nucleate boiling). This
flow is characterised by a distribution of small discrete
vapour bubbles in a continuous flowing liquid phase, those
bubbles detaching from the nucleation sites on the heated
surface [19].

Confined bubble flow. In a narrow space, this flow is char-
acterised by generated vapour bubbles coalescing and fill-
ing the cross section of the flow channel, leaving a thin liq-
uid film between the vapour bubbles and the heated channel
walls [3,9] (Table 2), [45,47,48] (Table 3), [58,59]. The heat
transfer surface is washed either by a thin liquid film or a
liquid plug [16] (Table 3). The layer of liquid evaporates and
causes the bubbles to grow exponentially [9] (Table 2). The
coalesced bubbles may be formed by isolated bubbles grow-
ing or coalescing, alternatively single bubbles may reach a
sufficient size to be regarded as confined as they fill up the
narrow space, before becoming detached from their nucle-
ation sites. According to Ishibashi and Nishikawa [45], for
nucleate boiling in narrow vertical annuli (Table 3), the con-
fined bubbles departed and rose regularly at a low frequency
from the heating surface. These coalesced bubbles were reg-
ularly generated one after another in the space, under a slow
cycle. They established that coalesced bubble emission fre-
quencyN was proportional tȯqs−3/2. Monde [60] found the
thickness of the thin liquid film between the vapour bubbles
and the heated wall was in the range of 60–80 µm and in-
dependent of the bubble length. According to Moriyama et
al. [20] for flow boiling in extremely narrow channels (Ta-
ble 2), when the sizes of the bubble are much larger than
the thickness of the channel as in their study, the bubble sur-
face forms an extremely small meniscus at the edge, and in
such a case, it is expected that the thickness of the liquid
film remaining on the wall under the bubble is controlled by
a capillary numberCa= µLṁ(x/ρV + (1− x)/ρL)/σ .

Slug flow. This flow is obtained when the vapour bubbles
diameter tends towards the channel hydraulic diameter. Slug
flow then consists of these pockets of gas (commonly called
plugs or Taylor bubbles) separated by liquid slugs, both
flowing upwards. Each plug of gas contains a half circle
cap head and a flat rectangular body and is surrounded by
a thin liquid film which flows vertically downwards [19,57].
Some authors [22] do not make the distinction between the
confined and slug flow regimes.

Churn flow. This flow is formed by the breakdown of the
large gas bubbles in slug flow [57]. The gas flows in a more
chaotic manner through the liquid which is mainly displaced
to the channel wall.

Annular-slug flow. As the confined bubbles expand [9]
(Table 2), liquid in the slugs between them is deposited on
the channel wall and the flow becomes basically annular
with random irregular slugs of liquid interspersed with the
vapour.
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Annular flow. This flow is comprised of a solid gaseous
core, continuous in the axial direction, with a liquid film
surrounding the core, both flowing upwards. The annular
flow occurs for the higher vapour qualities or mass fluxes.

Dryout. In the annular flow regime as the liquid film
thickness reduces with increasing vapour quality, there is a
tendency for the film to break up and partial dryout to occur.

In reality, the observed flow pattern for given vapour
quality can vary according to the mass flux, heat flux,
channel dimensions, fin geometry, orientation and pressure.

3.2. Effect of mass flux

The various flow regime maps proposed by different
authors easily show that for given channel dimensions, fluid
and vapour quality, the regime of flow depends on mass
flux. For example, Cornwell and Kew [3] noticed that during
flow boiling in a small vertical channel (Table 2), at low
mass flow rates and low vapour quality, confined bubbles
which straddled the channel might occur while at higher flow
rates, isolated bubbles might occur at the same position and
quality. At low flow rates, bubbles might grow to fill the
channel at the nucleation site, thus precluding the isolated
bubbles regime. It is deduced from several experimental
studies [2,36] (Table 1), [10,11] (Table 2) that the lower
the mass flux, the slightly lower vapour quality at which the
transition between annular flow and dryout region begins.

3.3. Effect of heat flux

Several authors [8] (Table 2), [45,47] (Table 3) underlined
that the frequencies of bubble generation increased with heat
flux. For example, in the experimental study of nucleate
boiling in narrow vertical annuli, Aoki et al. [47] underlined
that for gap widths = 1 mm, the bubbles generated on
the heating inner surface were pressed by the outer tube
and grew in flattened shapes covering the heating surface,
and then flowed out from the top end, forcing the liquid
upwards. With an increase in heat flux, the density of
bubble generation increased and the bubbles coalesced and
grew, changing shape randomly. As the heat flux became
higher, the gap was occupied by a great number of bubbles
and liquid penetrated into the gap as scattering droplets,
with repeated local drying and wetting. For the case of
the gap width of 0.2 mm and low heat flux, comparatively
small bubbles were generated and rose as if by crawling
within the gap. With an increase in the heat flux, the
alternatively drying and wetting areas grew in extent and
finally the heating surface became completely dry except
for the top and bottom ends. In fact, in the isolated or
confined bubbles region, for large enough heat fluxes applied
on the channel wall, the wall dries out. The heat flux at
which this dryout occurs is called critical heat flux CHF.
Intermittent local dryout may also occur in the confined
bubble regime, in confined tubes or narrow annuli at low

vapour quality and moderate heat flux prior to critical heat
flux if areas of the liquid film deposited beneath the confined
bubbles evaporate fully before being replenished, which has
been observed by various authors [9] (Table 2), [45,47]
(Table 3), [61]. Lazarek and Black [40] (Table 2) developed
a new correlation which predicts the vapour quality for
the onset of critical heat flux. This critical vapour quality
decreases with the increase in mass flux or tube diameter.

Several researchers [2,36] (Table 1), [10,11] (Table 2)
obtained that the transition from annular flow to dryout
began at lower qualities when increasing the heat flux. For
example, according to Wattelet et al. [11], for flow boiling
in an horizontal tube, dryout began to occur between 55 and
70% quality for the 20 and 30 kW·m−2 cases and between
75 and 85 % for 5 and 10 kW·m−2, respectively.

3.4. Effect of channel dimensions

The passage dimensions also have an important effect on
the observed flow patterns.

3.4.1. Effect on the observed flow in the nucleate boiling
region

For test conditions corresponding to nucleate boiling
dominance, whereas isolated bubbles are observed in large
channels, a confined bubbles or slug flow regime is more
usually observed in small channels. In particular, several
investigators [3] (Table 2), [16,45,47,48] (Table 3), [58] have
shown that, in the nucleate boiling region, when the gap size
is larger than a critical value depending on pressure and fluid,
the bubbles generated in the channel will not be deformed
and the boiling flow pattern is similar to that of nucleate
boiling in tubes with larger diameters. At the opposite, as
the gap size decreases below the critical value, coalesced
(confined) bubbles are generated instead of isolated bubbles.
Whereas a classical ebullition cycle includes nucleation,
bubble growth, departure and rise, when the boiling space
is small relative to bubble sizes, growth and departure of
the coalesced bubbles are affected by the channel walls. For
example, bubbles will be squeezed by the walls and flatten
out. Bubble diameters become so large that adjacent bubbles
coalesce.

Several authors determined the channel critical size defin-
ing the transition between the isolated bubble regime and
the confined bubble regime. For example, for water nucleate
boiling at atmospheric pressure in various annuli, Ishibashi
and Nishikawa [45] (Table 3) noted that at the clearance
of 3 mm or more, small isolated bubbles of diameters be-
tween 3 and 3.5 mm were generated from the heating sur-
face. When the space dimension was reduced to less than
3 mm, only coalesced bubbles were generated. According
to Xia et al. [16] (Table 3), for nucleate boiling of R113 at
atmospheric pressure in a narrow vertical channel, for high
heat fluxes, when gap size was 3 mm or larger, isolated bub-
bles were generated from the boiling surface. When gap size
was smaller than 3 mm, the generation of few isolated bub-
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bles could be observed, but large squeezed coalesced bub-
bles were generated in the channels. Cornwell and Kew [3]
(Table 2), [58] suggested to use the Confinement number,
which represents the ratio of a characteristic bubble depar-
ture size and the mean hydraulic diameter of the flow chan-
nel, Co= [σ/{g(ρL − ρV )}]0.5/Dh for evaluating the tran-
sition between the isolated bubble regime and the confined
bubble regime. ForCo> 0.5, the flow pattern is typically
“confined” and forCo< 0.5, isolated bubbles are present.
Co increases when the channel dimension is reduced.

3.4.2. Effect on vapour quality at transition from bubbly to
slug, slug to churn and churn to annular flow

The vapour qualities at which transitions between the
flow regimes occur depend on the channel dimensions and
orientation. For example, in experimental studies on adia-
batic air–water two-phase flow regimes in vertical rectangu-
lar channels with mini gaps or small diameter tubes [19,22,
57], transition from bubbly to slug, slug to churn and churn
to annular flow occurs at lower superficial gas velocities (i.e.,
lower vapour qualities) in the smaller channels/tubes. Ac-
cording to Xu [57], the bubbly to slug flow transition ap-
pears at lower superficial gas velocity in the channel with the
gap of 0.6 mm than that with the gap of 1 mm because the
distances between the neighbouring bubbles are decreased
to induce the small bubbles merging. Moreover, the transi-
tion lines from slug to churn flow and from churn to annu-
lar flow occur at lower gas flow rate in the smaller channels
due to the increased wall and interface shear stresses. Fur-
thermore, in the channel with the gap of 0.3 mm or less,
Xu [57] noted that bubbly flow was never observed. Instead,
the small bubbles were squeezed forming a cap-bubbly flow.
For flow boiling in small rectangular channels, at low flow
rate, Mertz et al. [8] (Table 2) concluded that bubbles might
grow to fill the channel at the nucleation site, the bubble gen-
eration rate was increased and it was impossible to observe
single vapour bubbles and the flow configurations observed
successively with increasing vapour quality were confined
bubbles or slug flow and annular flow.

Lin et al. [22] concluded that existing flow maps could
predict flow regimes, however the observed flow regime
boundaries were dependent on size and geometry of flow
passages and experimental conditions. At the opposite of
studies in vertical channels, in experimental studies on adi-
abatic air–water two-phase flow regimes in small horizontal
rectangular or circular channels [52,54], transition from in-
termittent flow (covering slug, plug and churn flow) to annu-
lar flow occurs at larger superficial gas velocity (i.e., higher
vapour quality) when the channel dimensions are reduced.
Wambsganss et al. [24] (Table 2) showed that the small-
diameter horizontal channels produced a slug flow pattern
over a large range of parameters when compared with larger-
diameter channels. According to them, the slug flow enabled
boiling to be maintained at higher qualities than in larger
tubes, the annular flow generally did not start until qualities
of 0.6 to 0.8. They stated that for larger channel sizes, an-

nular flow prevailed up to the critical heat flux, whereas for
smaller channels, the crest of a wave on a liquid film was
able to reach the opposite wall producing a slug of liquid in
a situation that would have normally produced annular flow
in a larger channel. As for vertical channels, Wambsganss et
al. [54] concluded that when channel dimensions were too
small, the isolated bubble flow was no more observed.

Concerning the effect of channel dimensions on transition
to dryout, the conclusions are opposite according to different
authors. Indeed, whereas in Oh et al.’s study [10] about flow
boiling in an horizontal tube (Table 2), the vapour quality
where the heated wall dried out decreased with decreasing
channel dimensions, on the contrary, in Moriyama et al.’s
study [20] on flow boiling in an horizontal rectangular
channel (Table 2), it slightly increased with decreasing gap
size.

3.5. Effect of fin geometry in compact plate-fin heat
exchangers

According to Carey [5], in serrated or perforated-fin pas-
sages, unlike round vertical tubes, the two-phase transport
is usually non-uniform over the perimeter of the passage
at any downstream location. This results from the effect of
the irregularity of the passage on the two-phase flow and
from the configuration of the compact heat exchanger which
causes the thermal boundary condition to be non-uniform
over the passage wall. At high quality in serrated fin pas-
sages (Fig. 2), liquid flowing in a film along fins may be
shed from the trailing edges of these fins into the core flow.
Alternatively, always when the liquid film reaches the trail-
ing edge of the fin, at locations near the prime surface walls,
surface tension may force the liquid on the fin to merge into
the liquid films on the prime surface walls. In offset fin sur-
faces, liquid is delivered to the fins by two mechanisms: en-
trained liquid droplets may be deposited on the fin surfaces,
and liquid from the prime surface walls may be dragged onto
the fins by lateral Reynolds stresses exerted by the turbulent
core flow on the prime-surface liquid film. The efficiency of
convective vaporisation processes in such passages will de-
pend directly on how effectively liquid can be delivered to
surfaces of fin structures downstream of the location where
shedding occurs.

3.6. Effect of gravity (orientation)

Gravity effects, resulting from channel orientation, are
important in phase-change heat transfer in large enough
channels because they can influence flow patterns. Espe-
cially, various authors [14] (Table 2), [52,62–64] noticed that
in horizontal flow, there was a loss of wetting for low mass
fluxes and the flow was wavy-stratified, i.e., liquid flowed
along the bottom of the channel as gravity forces dominated,
whereas for higher mass fluxes, higher vapour qualities, the
flow would have been annular, as in vertical flow. According
to Wattelet et al. [11], for flow boiling in an horizontal tube
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(Table 2), in the dryout region, the annular flow was inter-
mittently present with the dryout occurring in an oscillatory
pattern. Indeed, in horizontal tubes with uniform heat flux,
dryout first occurs in the top region of the tube where the
liquid layer is thinner.

In small channels, it is generally reasoned that gravity
effects are of less importance because surface tension forces
dominate gravity forces. The gravity does not exert any
influence on the flow pattern inside tubes and the liquid
film thickness is almost uniform in the circumferential
direction due to the surface tension force having more
and more significant influence when the tube diameter
becomes smaller and smaller. For example, Damianides and
Westwater [52] experimentally determined the flow maps
for air–water mixtures in an horizontal offset-fin compact
heat-exchanger and in horizontal glass tubes of 1 to 5 mm
diameter. They underlined the absence of stratified flow in
the compact heat exchanger and the tube of 1 mm diameter,
whereas the stratified wavy regime was observed in the tubes
of 2 to 5 mm diameter. Instead of the stratified flow in the
smaller tubes, an important portion of the map area was
covered by the intermittent regimes (plug, slug and churn
flows).

3.7. Effect of pressure

Ishibashi and Nishikawa [45], who studied nucleate
boiling of several fluids in various vertical annuli (Table 3)
deduced that in the coalesced-bubble region, when the
pressure was increased sufficiently, a pressure was reached at
which coalesced bubbles were not seen and isolated bubbles
were generated. They explained these trends by the fact that
the higher the pressure was, the more the coalesced bubble
emission frequency was reduced.

4. Typical trends of heat transfer coefficient in the two
regions of boiling

It is now well known that boiling heat transfer for
flow inside channels is governed by two mechanisms:
nucleate boiling and convective boiling. Nucleate boiling is
characterised by the formation of vapour bubbles at a heated
wall when nucleation conditions, i.e., a thin liquid layer
near the surface superheated enough to allow nucleation,
are reached. Convective boiling is characterised by heat
transferred by conduction and convection through the liquid
film and vaporisation at the liquid/vapour interface. Through
representation of heat transfer coefficient against vapour
quality, mass or heat flux, it is possible to identify the two
regions of boiling and the heat transfer trends in each region.
The flow boiling heat transfer coefficient is defined as:

α = q̇/"Tsat (1)

In several experimental studies on flow boiling in large
tubes [65–67] and in smaller passages [37,38] (Table 1), [9,

(a)

(b)

Fig. 3. (a) Feldman [37,38] data (Table 1, perf3), (b) Cooper [68], Kenning
and Cooper [42] data (Table 2, 9.6 mm diameter tube).

10,14,25,41–43] (Table 2), [68], the obtained heat transfer
data cover the two boiling regions. For example, Fig. 3(a)
shows the experimental data of Feldman [37,38] (Table 1);
Fig. 3(b) shows the data of Kenning and Cooper [42]
(Table 2) and Cooper [68]. Basing on numerous authors’
results, the typical trends of the heat transfer coefficient
obtained against vapour quality, for given mass and heat
fluxes, are shown in Fig. 4(a), in case the flow associated
to convective boiling is the annular flow. The deduced heat
transfer coefficients against mass flux, for given vapour
qualities and heat fluxes, and against heat flux, for given
vapour qualities and mass fluxes, are shown in Fig. 4(b)
and (c) respectively. Some authors [4,12] (Table 1), [25]
(Table 2), [66] used the boiling curve (log–log plot of heat
flux against wall superheat) illustrated in Fig. 5 as a tool to
distinguish between the two dominant mechanisms of flow
boiling. These figures show the heat transfer characteristics
in the two regions of vaporisation.

In nucleate-dominated flow boiling, the heat transfer
coefficient calledαnb, is independent of mass flux and
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Fig. 4. Heat transfer coefficient trends against (a) vapour quality, (b) mass
flux, (c) heat flux. Trends deduced basing on [9,10,14,25,37,38,41–43,65,
67,68].

vapour quality, increases with increasing heat flux (or wall
superheat), and is sensitive to saturation pressure level (the
heat transfer coefficient increases as pressure increases).
In Figs. 4(c) and 5, these data will define single straight
lines with a slope respectively lower and greater than unity.
This observation suggests that a power function relationship
exists between heat transfer coefficient and heat flux as well
as between heat flux and wall superheat. These relationships
are developed in Section 6.2.

On the other hand, in convective-dominated flow boiling
(when nucleate boiling appears to be largely suppressed),

Fig. 5. Boiling curve.

the heat transfer coefficient calledαcv , is independent of
heat flux (or wall superheat) and increases with increasing
mass flux and vapour quality. Therefore, for given vapour
quality and mass flux, the resulting boiling curves of
heat flux versus wall superheat will be straight lines with
slopes approximately equal to unity. In this region, the
wall superheats are too low to sustain nucleate boiling.
The increase in the heat transfer coefficient with increasing
vapour quality in the convective boiling region is due to
the parallel decrease in the liquid film thickness and an
increased velocity of the vapour phase [43] (Table 2).
Intense evaporation at the liquid-vapour interface diminishes
the liquid film thickness, reducing the thermal resistance
associated with the heat conduction across the film and
increasing the heat transfer coefficient [11,14] (Table 2).
Thus, at high vapour qualities, nucleate boiling is suppressed
due to significant cooling promoted by the thinning of the
annular flow.

Moreover, in the convective boiling region, for vapour
quality higher than a value depending on test conditions,
some authors [2,36] (Table 1), [9–11,20,43] (Table 2)
observed a decrease of heat transfer coefficient supposed
to be caused by the emergence of the post dryout region
through the disappearance of the liquid film covering the
tube wall. The heat transfer coefficient falls toward the value
of gas single-phase flow (Fig. 4(a)).

Even in the nucleate boiling region, for large enough
heat fluxes applied on the channel wall, dryout of the wall
occurs which causes a marked decrease in the heat transfer
coefficient (Fig. 4(c)) and an increase in the heating surface
temperature [16,45,47,48] (Table 3). The heat flux at which
this dryout occurs is called the critical heat flux.

In general, convective boiling dominates for low values of
heat flux and wall superheat and high vapour qualities, and
nucleate boiling dominates for high values of heat flux and
wall superheat and for the lower vapour qualities. There exist
numerous experimental studies on flow boiling in small pas-
sages where the heat transfer data belong to only one of the
two boiling regions, either nucleate boiling or forced con-
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vective boiling region. In particular, in experiments on small
single, smooth (circular and rectangular) channels (hydraulic
diameter approximately 2.5–3 mm) or narrow spaces, the
major part of the results of more or less recent researches [6,
17,24,25,40,41] (Table 2), [16,45,50] (Table 3), [26,27,29,
30] provided evidence that for high heat fluxes and high su-
perheats and low mass fluxes (<300 kg·m−2·s−1), a nucle-
ation mechanism dominated up to high mass qualities (80%).
The results provided a clear indication that the heat trans-
fer coefficient was a strong function of heat flux and only
weakly dependent on mass flux and vapour quality. On the
other hand, for the studies of Robertson, Wadekar and co-
workers at HTFS [4,12,13,32–34] (Table 1) on flow boiling
in perforated and offset-strip fin passages, the tests were per-
formed within the range of operational parameters encoun-
tered in industrial cryogenic applications, at low values of
heat flux (<4 kW·m−2) and wall superheat (<2.5 K). The
base wall superheat was sufficiently low that nucleate boil-
ing effects were negligible and the dominant mechanism of
heat transfer was convective boiling; the results provided a
clear indication that the heat transfer coefficient was inde-
pendent of heat flux, dependent on mass flux and generally
increases with increasing vapour quality. For the range of
test conditions of several other authors [1,2] (except at low
qualities with some tests), [39] (Table 1), [11,20] (Table 2),
nucleate boiling was also suppressed.

The mechanism of the transition between the two regimes
can be abrupt or more gradual. Correlations for flow boiling
in conventionally-sized heat exchangers have usually been
based on nucleate and convective boiling components of the
heat transfer coefficient,αnb and αcv, respectively. These
components are superimposed by a very complex mecha-
nism. Three main models exist in present literature [67], the
“superposition”, “asymptotic” and “enhancement” models.
The superposition model uses addition of the two compo-
nents with a suppression factorS [65]:

α = Sαnb + αcv (2)

The suppression factor was used by Chen [65] in order to
take the suppression of nucleate boiling with the increase
in flow velocity into account. He correlated theS factor
as a function of the two-phase Reynolds numberReT P =
(α/αL)

1.25ReL.
The enhancement model was proposed by Shah [62] for

flow in tubes. For flow in vertical tubes, it is described by:

α =EαL (3)

whereE is the “enhancement factor”, which is a function
of the boiling number (Bo) and the convection number
(CoShah).

The asymptotic model used by various authors [25,37,
38,41–43,66,67] is based on asymptotic addition of the two
boiling components:

αm = αmnb + αmcv (4)

In Eq. (4), them value assures a more or less abrupt tran-
sition between the nucleate and convective boiling regions.

The casem= 1 represents the superposition model;m→ ∞
is the case for which the larger of the two mechanisms is pre-
dominant, the other contribution being negligible, i.e., the
heat transfer coefficient is equal to the larger of convective
coefficientαcv or nucleate boiling coefficientαnb. Accord-
ing to the results obtained in previous studies [37,38] (Ta-
ble 1), [14,25,41–43] (Table 2), [66,67], the analysis of the
heat transfer mechanisms in small passages showed that the
transition between the two boiling regions was rather abrupt.
It is deduced that the asymptotic model with high values of
m (from 2.5 in [14] to∞ in [37,38,42]) is the mostly adapted
to flow boiling in small passages. Thus, vapour qualityxtr at
which the transition between nucleate and convective boiling
occurs, for given mass and heat fluxes, can be determined
precisely. In the representation of the heat transfer coeffi-
cient given in Fig. 4(a), it can be observed thatxtr increases
with the heat flux, at a given mass flux and decreases with
increasing mass flux, at a given heat flux.

It is deduced from Fig. 5 that the wall superheat asso-
ciated with the transition from convective to nucleate boil-
ing region increases with mass flux and vapour quality. It is
also recognised to be a function of the fluid and the chan-
nel (geometry, size and surface condition). For example,
the transition between regions of convection and nucleation
dominance occurs at a lower wall superheat as channel size
decreases [6,7,25] (Table 2). More precisely, for the previous
authors’ tests, this transition occurred at a low wall super-
heat of approximately 3 K (corresponding to a heat flux of 7
kW·m−2) for mass fluxes between 70 and 150 kg·m−2·s−1.
In the experimental study of Feldman [37,38] (Table 1), the
transition wall superheat remained between 1.6 (correspond-
ing to heat fluxq̇ of 1450 W·m−2) and 2.9 K (correspond-
ing to heat fluxq̇ of 3540 W·m−2), for mass fluxes between
19 and 49 kg·m−2·s−1. For the same tests, transition vapour
quality xtr varied from 0.24 to 0.55. These low transition
wall superheats probably stem from the fact that as detailed
in Section 6.1, in the nucleate boiling region, the heat trans-
fer coefficient increases with the reduction of gap size. Thus,
the contribution of nucleation in heat transfer is more impor-
tant in small channels as compared with larger ones.

5. Characteristics of convective boiling in small
channels

When the predominant heat transfer mechanism is forced
convective boiling (where heat transfer is primarily a func-
tion of mass flux and vapour quality), the associated flow
pattern derived according to previous studies in vertical
channels [1,2,4,12,13,32,34,37] (Table 1) is either the inter-
mittent flow including the slug and churn flows at low mass
fluxes and low vapour qualities and the non-intermittent flow
including the annular flow at higher mass fluxes or vapour
qualities. More precisely, in the slug flow region, according
to Robertson and Clarke [32], in boiling heat transfer with
vertical slug-upflow and with no nucleate boiling present,
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there will be two simultaneous mechanisms occurring in par-
allel: evaporation of the falling liquid film surrounding each
rising bubble and sensible heating of the climbing liquid
slugs. For horizontal flows, one more flow pattern, the strat-
ified or wavy-stratified flow, can be observed depending on
test conditions. For example, according to Wattelet et al. [11,
14] (Table 2), for flow boiling in an horizontal tube, the ob-
served flow is either the wavy-stratified flow at lower mass
fluxes and qualities or the annular and misty-annular flow at
higher mass fluxes and qualities.

5.1. Effect of vapour quality and mass flux on heat transfer
characteristics and associated flow patterns

In order to illustrate the separate effects of vapour qual-
ity and mass flux on boiling heat transfer in the intermittent
and non-intermittent regions, Robertson, Wadekar and their
coworkers [12,13,31–34] (Table 1), and other authors [36]
(Table 1), [10,20,42] (Table 2), proposed several types of
representation of their experimental data. Either they plotted
their measured convective boiling coefficients againstReT L,
for various vapour qualities, or they plotted them against
vapour quality, for various mass fluxes. Another interesting
representation was used by several authors [2,4,34,36] (Ta-
ble 1), [10,20,42] (Table 2), [69,70] plotting enhancement
factorF against 1/X, the reciprocal of the Martinelli para-
meter. The following formulation:

αcv = FαL (5)

to express the convective boiling heat transfer coefficient,
was first proposed by Chen [65]. Heat transfer coefficient
αL for the liquid phase flowing alone is estimated using a
single-phase correlation of the following form:

NuL =AReaL PrbL (6)

whereReL = ṁ(1 − x)Dh/µL andA, a andb are constant
which depend on the geometry of channels and nature of the
flow. Martinelli parameterX is the square root of the ratio
of single phase liquid fraction pressure gradient to the single
phase gas fraction pressure gradient:

X =
(
"pF,L

"pF,V

)0.5

=
(

1− x

x

)(
fLρV

fV ρL

)0.5

(7)

where fL and fV are the Fanning friction factors for
liquid phase and vapour phase respectively flowing alone.
In single-phase flow, friction factors can be expressed by
correlations of the following form:

f =DRe−d (8)

whereD andd are constants which depend on the geometry
of channels and nature of the flow. Thus,fL and fV are
estimated by usingReL andReV respectively instead ofRe
in Eq. (8). The Martinelli parameterX is notedXtt for the
particular case where liquid and vapour phases are turbulent.

The general convective boiling heat transfer trends in the
slug and annular flow regions on perforated fin test sections

or small plain channels are given in Figs. 6(a), 7(a) and 8(a)
for different mass fluxes (̇m1 < ṁ2 < ṁ3 < ṁ4 < ṁ5). Re-
spective trends on serrated fin test sections are given in
Figs. 6(b), 7(b) and 8(b). Those trends have been deduced
from a detailed analysis of experimental heat transfer char-
acteristics obtained by different authors, [4,31,32,34] (Ta-
ble 1), [10,20,42] (Table 2), [69–71] on perforated fin test
sections or small plain channels, [1,2,12,13,33,36] (Table 1)
on serrated fin test sections. For example, the experimen-
tal heat transfer data obtained by some of the previously
cited authors on perforated fin test sections are shown in
Figs. 9(a), (b) and (c), in terms ofα over x [34], α over
ReT L [32] andF over 1/Xtt [34], respectively. The char-
acteristics obtained by some other authors on serrated fin
test sections are shown in Fig. 10(a), (b) and (c), in terms
of α overx [13,33],α over ṁ [12] andF over 1/Xtt [36],
respectively. Robertson, Wadekar and their coworkers used
a flow transition criterion, the modified Froude number de-
fined byj∗

V = ṁxρ
−1/2
V [gDh(ρL − ρV )]−1/2 to distinguish

slug/churn flow data from the data in the annular (laminar or
turbulent) flow region. The criterionj∗

V = 1 defined the tran-
sition from slug/churn to annular flow and the data for which
the following approximate criterion:j∗

V < 1 is satisfied was
grouped as slug/churn flow data.j∗

V reflects the ratio of in-
ertia to buoyancy forces in slug flow. The criterion defin-
ing the churn/slug-annular flow transition was deduced by
McQuillan and Whalley [72]. According to equalityj∗

V = 1,
the range of vapour qualities over which this form of slug
flow is maintained is all the more spread out when the
fluid mass flux is low. The transition points(1, . . . ,5) for
each mass flux and two-phase flow patterns expected to be
present in each region are delineated in Figs. 6, 7 and 8. In
fact, the value ofj∗

V at the transition between the annular
and churn/slug regions is not systematically equal to unity,
but varies according to the different experimental studies.
For example, Carey and Mandrusiak [1] observed for flow
boiling in vertical channels with offset strip fins (Table 1)
that the transition conditions corresponded approximately to
j∗
V = 0.5. Kenning and Cooper [42] (Table 2) also deduced

that for the 14.4 mm bore tube, the churn-annular flow transi-
tion was obtained forj∗

V = 1, whereas for the 9.6 mm tube,
the annular flow was maintained down toj∗

V = 0.4, show-
ing that the criterion does not properly represent the effect
of tube diameter. As shown in Fig. 7, mass fluxesṁ1 and
ṁ2 belong to the region in which the all liquid flow is lam-
inar (ReT L < ReT L,cr) and mass fluxeṡm3, ṁ4 andṁ5 be-
long to the region in which the all liquid flow is turbulent
(ReT L > ReT L,cr).

5.1.1. Analysis in slug flow region
The trends of the boiling heat transfer coefficients ob-

tained in the slug flow region, corresponding toj∗
V < 1,

are shown in Figs. 6, 7 and 8. In forced convective boiling,
Robertson and coworkers [12,13,32–34] for the serrated or
perforated-fin test section (Table 1), Watel and Thonon [39]
for a serrated-fin heat-exchanger (Table 1), Moriyama et
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Fig. 6. Main convective boiling heat transfer trends obtained in the slug and annular flow regions against vapour quality. Trends deduced basing in part on:
(a) [10,34,42,69,71], (b) [1,2,12,13,33,36].

al. [20] for a narrow channel (Table 2), observed that, at
vapour qualities even as low as 0.05, the convective boiling
coefficients were considerably greater than the equivalent
liquid coefficients, showing the enormous effect of vapour
volume on coefficients at very low qualities (Figs. 6 and 7).
Moreover, for vapour quality higher than approximately 5%,
for a fixed mass flux, the boiling heat transfer coefficient ap-
pears to increase very slowly with increasing vapour quality
(Fig. 6). For a fixed vapour quality, it increases with increas-
ing mass flux, very slowly for the lower mass fluxes (ṁ1, ṁ2

and ṁ3) in the laminar slug flow region and more rapidly
for higher mass fluxes (̇m4) in the turbulent slug flow region
(Fig. 7). According to several authors [32,34] (Table 1), [20]
(Table 2), in general the low Reynolds numbers due to the
small channel dimensions ensure that the heat transfer char-
acteristics of the slug flow pattern are dominated by laminar
flow. Robertson [12] correlated his data obtained with nitro-
gen on a serrated-fin test section (Table 1) for a slug flow in

a laminar regime by:α = 1650+ 1000x W·m−2·K−1 and
a slug flow in a turbulent regime by:α = ṁ0.8(160x + 66)
W·m−2·K−1. In fact, in the turbulent slug flow region (for
example, atṁ4 for the lower qualities), the variation of heat
transfer coefficient with mass flux and vapour quality is sim-
ilar to that in the turbulent liquid film flow region (Fig. 7). In
the representation of the heat transfer trends in terms ofF

and 1/X in Fig. 8, in the laminar slug flow region (j∗
V < 1),

for given mass fluxṁ1, ṁ2 or ṁ3, F increases slowly with
increasing 1/X (i.e., vapour quality). At a givenX value,
F decreases with increasing mass flux, except for the per-
forated fins (Fig. 8(a)) for mass fluxeṡm1 and ṁ2 corre-
sponding to laminar liquid fraction heat transfer coefficient
αL. For the other cases, the decrease ofF with increasing
mass flux is explained by the fact that the magnitude of the
increase in the two-phase heat transfer coefficient with in-
crease in mass flux is less than the corresponding increase
in the liquid fraction coefficient. Nevertheless, in the perfo-
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Fig. 7. Main heat transfer trends obtained in the slug and annular flow regions againstReT L. Trends deduced basing in part on: (a) [31,32], (b) [12,13,33].

rated fin geometry, the influence of mass flux onF , for fixed
X, seems to be more or less high according to the fluids used
in the studies [4,31,32,34] (Table 1). Moreover, it is interest-
ing to underline that in the slug flow region, for a given 1/X,
F is greater than the correspondingF -parameter in case of
an annular flow.

According to Robertson [12] and Robertson and Wade-
kar [34] (Table 1), the enormous effect of vapour quality
on the boiling heat transfer coefficient for vapour quality
from zero to approximately 5% is due to the fact that, at
the onset of boiling, nucleation may create bubbles of a
size almost large enough to span the channel and these
bubbles then grow by evaporation of the film surrounding

them. This rapid production of vapour bubbles just after
the onset of boiling will essentially increase the velocity of
the two-phase. Moreover, because of their proximity to one
another in the small passages, these bubbles will introduce
an “entrance effect” and thereby recreate temperature and
velocity profiles thus producing a sudden and considerable
increase in heat transfer coefficient as convective boiling
establishes between all liquid and 5% vapour quality. As
the void fraction increases with increasing quality, the
bubbles will coalesce, spanning the narrow passages to
form slug flow for vapour quality higher than approximately
5%. Under these circumstances, the larger bubbles will
produce longer lengths of uninterrupted liquid, hence the
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Fig. 8.F against 1/X in the slug and annular flow regions. Trends deduced basing in part on: (a) [4,10,31,34,42,69–71], (b) [2,36].

‘entrance’ effect will disappear, the liquid film thickness will
be constant and the heat transfer coefficient will be only
weakly dependent on vapour quality once the slug flow is
established. Moreover, according to Carey [73], the high
heat transfer coefficients obtained in the slug flow region in
compact offset fin geometries may be due to the effects of
surface tension on vapour motion through the fin matrix (see
Section 5.6).

5.1.2. Analysis in annular flow region
Always in forced-convective boiling, the trends of the

boiling heat transfer coefficients obtained in the annular flow
region, corresponding toj∗

V > 1, in the laminar and turbulent
film flow regions, for small passages, are shown in Figs. 6,
7 and 8. They are deduced from the experimental heat
transfer characteristics obtained by different authors on the
one hand, and by basing on Chen’s [65] formulation, during
film flow evaporation, to express the convective boiling heat

transfer coefficient on the other hand, as it will be explained
afterwards.

In the annular flow region, obtained for higher vapour
qualities than the slug flow, the heat transfer coefficient
appears to increase more rapidly with increasing vapour
quality (Fig. 6) and mass flux (Fig. 7) (Robertson and
coworkers [12,13,31–34], other authors [1,2,37] (Table 1)).
Moreover, for high enough mass fluxes (for exampleṁ4,
ṁ5), coefficients all tend to be proportional toReT L to the
power of 0.8 approximately, corresponding to an annular
flow with a turbulent liquid film [12,31–33] (Table 1).
Robertson [12] correlated his data obtained on a serrated-
fin test section for an annular flow with a turbulent liquid
film by: α = 375ṁ0.8x W·m−2·K−1 for x > 0.3 and by:
α = ṁ0.8(160x + 66) W·m−2·K−1 for x < 0.3, showing
as in Fig. 6(b) for mass fluxeṡm4 and ṁ5 that there is a
steep increase in the heat transfer coefficient with vapour
quality in the annular region above a critical value of vapour
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(a) (b)

(c)

Fig. 9. Experimental heat transfer characteristics obtained on perforated fin test sections: (a)α againstx, Robertson and Wadekar [34] data (Table 1), (b)α

againstReT L, Robertson and Clarke [32] data (Table 1), (c)F against 1/Xtt , Robertson and Wadekar [34] data (Table 1).

quality. The linear variation ofα with vapour quality in
this region reflects the progressive thinning of the liquid
film. In the annular flow region, Robertson and Clarke [32]
deduced that below liquid critical Reynolds numberReLcr
depending on the fin geometry and test fluid (ReLcr = 450
for PrL = 2 in Robertson and Clarke’s study [32], Fig. 9(b)),

that is the region above line DD in Fig. 7, laminar film flow
exists. Below DD (ReL > ReLcr), the film is not laminar.
For example in Fig. 7(a), for fixed mass fluẋm4, when
vapour quality increases, Reynolds numberReL decreases,
the characteristic point moves in the turbulent liquid film
flow region from point 4 to point 4’ at whichReL is equal
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(a)

(b) (c)

Fig. 10. Experimental heat transfer characteristics obtained on serrated fin test sections: (a)α againstx, Robertson and Lovegrove [13,33] data (Table 1), (b)
α againstṁ, Robertson [12] data (Table 1), (c)F against 1/Xtt , Koyama et al. [36] data (Table 1).

to ReLcr, and whenReL becomes lower thanReLcr, the
liquid film flow becomes laminar. In the representation of
the heat transfer trends in terms ofF over 1/X in Fig. 8,
for a given mass flux (for example,̇m = ṁ3), F appears
to increase more rapidly with increasing vapour quality in
the annular flow region (on the right of point 3) than in the
slug flow region (on the left of point 3). In the annular flow
region,F tends to be independent of mass flux and plotting

F against 1/X is a reasonable method for correlating all the
convective boiling data in the annular laminar and turbulent
flow regions. Furthermore, Wadekar [4], Robertson and
Wadekar [34] observed that their data on their perforated fin
test section (Table 1) in the turbulent annular flow region
were very similar to those obtained from a round tube.

Besides, we completed the previously described boiling
heat transfer trends in the annular flow region by adopting
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Fig. 11. Main boiling heat transfer trends obtained in the nucleate and
convective boiling (annular and slug flow) regions, for a given mass flux.
Trends deduced in part basing on [23,42].

Chen’s [65] formulation, Eq. (5) to express the convective
boiling heat transfer coefficient. By both empirical corre-
lation of heat transfer data and a heat-momentum transfer
analogy analysis, Chen [65] showed that theF -factor could
be exclusively correlated by the Lockart–Martinelli parame-
terX. In particular, Chen’s [65] convective heat transfer data
are correlated by the following equation [42]:

F = 1+ 1.8(1/X)0.79 (9)

Thus, for perforated fin test sections or plain channels,
the slope of 0.3 in the laminar film flow region and 0.8
in the turbulent film flow region observed for the log–log
plot of heat transfer coefficient againstReT L in Fig. 7(a)
and the trends of heat transfer coefficient against vapour
quality in the annular flow region in Fig. 6(a) are deduced
using Eq. (5) forα and (9) forF . To determineαL andf
according to Eqs. (6) and (8) respectively, correlations such
as those given by Shah and London [74] in the laminar flow
region and Dittus-Boelter and Blasius in the turbulent flow
region are used. For serrated fin test sections, the slope of
approximately 0.7 in both the laminar and turbulent film flow
regions observed in Fig. 7(b) and the trends of heat transfer
coefficient against vapour quality in the annular flow region
in Fig. 6(b) are deduced using correlations such as those
given by Wieting [75] to determineαL andf in the laminar
and turbulent flow regions.

5.2. Effect of nucleate boiling on heat transfer trends

Taking the effect of nucleate boiling on heat transfer
coefficient into account, the typical trends of boiling heat
transfer coefficient against vapour quality, for different heat
fluxes and a given mass flux, are given in Fig. 11. These
trends have been deduced in part basing on measured data
of Kenning and Cooper [42] for flow boiling of water in
a 14.4 mm diameter tube test-section (Table 2) and the
results given by Wadekar’s [23] model, both shown in
Fig. 12. For the lower heat fluxes (q̇1), convective boiling
is predominant over the entire vapour quality range and
the same trend as shown in Fig. 6 is obtained. For higher

Fig. 12. Comparison of predictions of Wadekar’s model [23] with measured
data of Kenning and Cooper [42] at 65 kg·m−2·s-1 mass flux and 170 kPa
pressure (Table 2).

heat fluxes (̇q2, q̇3, q̇4), nucleate boiling is predominant for
lower vapour qualities and convective boiling with a slug
or annular flow becomes predominant for larger vapour
qualities.

5.3. Effect of channel dimensions in the annular flow region

It must be underlined that the influence of channel
dimensions in the annular flow region is not exactly the
same on the boiling heat transfer coefficient as on theF

factor, sinceα = FαL, with αL estimated by Eq. (6) and
thus proportional toD−n

h (0 < n � 1). It is deduced from
different studies that, for small enough passage sizes, with a
decrease in channel dimensions, the heat transfer coefficient
in the annular flow region increases, due to the reduction
of the liquid film flowing on the heated surface [76,77],
whereas for larger channels, the heat transfer coefficient
becomes less sensitive to changes in channel dimensions.

In particular, Mandrusiak and Carey [2] tested three
different large scale offset-strip fin geometries with the
same interruption length and different fin heights (Table 1).
Relative to the effect of the passage size on the boiling
heat transfer coefficient, for the passage hydraulic diameters
ranging from 3 to 9 mm, the heat transfer coefficient
during annular film-flow evaporation was observed to be
only weakly dependent on the passage size. For a given
quality and mass flux, the heat transfer coefficients for
the three surfaces differed only by about 20%. According
to the authors, the three large scale offset fin geometries
were sufficiently similar that the overall two-phase heat
transfer coefficient was not very sensitive to changes in fin
dimensions. In their study, also theF -factor data appeared
relatively insensitive to differences in channel dimensions
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for the three surfaces. Feldman [37,38] examined the effect
of the fin spacing of perforated fins on the boiling heat
transfer coefficient by comparing the results obtained with
0.95 mm spaced fins (perf3) (Table 1) and 1.21 mm spaced
fins (perf1). For a given quality and mass flux, in the
convective boiling region, the heat transfer coefficients for
the two fin spacings did not differ. Oh et al. [10] examined
the effect of capillary tube diameters on the boiling heat
transfer coefficient by comparing the results obtained with
1.0 and 2.0 mm diameter tubes (Table 2). They observed
that the heat transfer coefficient of the 1.0 mm tube was
higher than that of the 2.0 mm tube up to the vapour
quality 0.6. They also noticed that in the forced convection
region, theF parameter plotted against 1/Xtt (indeed, for
their test conditions,X = Xtt) was independent of tube
diameter. Cornwell and Kew [3] (Table 2), Bar Cohen and
Schweitzer [78] found that for the annular flow regime, there
was virtually no effect of the spacing on theF factor or the
heat transfer coefficient, as long as the Confinement number
Co remained lower than 0.5. Indeed, Bankoff and Rehm [61]
in their study of flow in annuli at highCo values found that
theF factor needed to be modified to considerably higher
values to describe the convective evaporation.

5.4. Effect of fin geometry in compact plate-fin heat
exchangers

For single-phase heat transfer applications, among the
different geometries of plate-fin heat exchangers, the offset-
strip fins provide one of the highest performances because
they maintain thin boundary layers on the fins. According to
Robertson [12] (Table 1), the high heat transfer coefficients
associated with the single phase region in serrated fin
passages are caused by the interruptions to the development
of transverse temperature and velocity profiles (the entrance-
length effect) produced by this form of finning.

In forced-convective boiling, the serrated-fins are also ex-
pected to give higher heat transfer coefficients than plain
fins. According to Carey [5], the use of small scale en-
hanced passages, like serrated or perforated plate-fin pas-
sages (Fig. 2) can substantially enhance the performance of
a compact evaporator or condenser. By comparing the heat
transfer coefficients obtained by Feldman [37,38] for offset-
strip fins (osf1) and perforated fins (perf1) in the convec-
tive boiling region for similar experimental conditions and
fin dimensions (Table 1), it is deduced that heat transfer co-
efficients for offset-strip fins are higher than those for per-
forated fins. Feldman [37,38] also examined the effect of fin
length of offset-strip finsLf on the boiling heat transfer co-
efficient by comparing the results obtained with fins 3.18
mm long (osf1) and 9.52 mm long (osf2). The heat trans-
fer coefficients obtained for the 3.18 mm long fins are about
35% higher than those obtained for the 9.52 mm long fins.
Mandrusiak and Carey [2] obtained that the measured boil-
ing heat transfer coefficients in their offset-fin channels (Ta-
ble 1) were typically two to three times the values predicted

by the Bennett and Chen [79] correlation for a round tube
with the same hydraulic diameter. Hence their geometries
provide substantial enhancement of the flow boiling heat
transfer performance relative to that for a round tube un-
der comparable conditions. In a comparison of offset-strip
fin [12] (Table 1) and perforated fin passages [31] (Table 1),
values of the heat transfer coefficient are similar at low qual-
ities, while at high qualities the heat transfer coefficient can
be 50% higher for the offset-strip fin geometry. According
to Robertson and Clarke [32] (Table 1), the reason for the
similarity of heat transfer coefficients with serrated and per-
forated fins at low quality is the presence of the same two-
phase flow pattern, slug flow. According to Robertson [12],
Robertson and Clarke [32], the higher heat transfer coeffi-
cients apparent during annular flow boiling on the serrated
fins would be the result primarily of the relative thinness of
the liquid film flowing along each fin from leading to trail-
ing edge where it is disrupted, at high vapour qualities, into
the form of a spray and then reformed on the following fin.
Thus, a thinner liquid film can be expected on the serrated-
fin in comparison with other forms of finning.

5.5. Effect of gravity (orientation)

As underlined in Section 3.6, gravity effects, resulting
from channel orientation, are important in phase-change
heat transfer in large channels because they can influence
flow patterns, and thereby heat transfer. Especially, some
authors [11,14] (Table 2), [62–64] noticed that, because of
the loss of wetting in horizontal flow at low mass fluxes
(for example, in wavy-stratified flows), there was a loss
of convective heat transfer area, thereby decreasing the
heat transfer coefficient compared with the results in the
annular flow regime for similar test conditions. It was shown
by several authors [14] (Table 2), [62–64,80,81] that the
correlation of data in horizontal flow requires the inclusion
of the Froude number to account for gravitational effects. In
their experimental studies of flow boiling in horizontal tubes
(Table 2), Wattelet et al. [11,14] underlined that there was no
major effect of vapour quality on heat transfer coefficient in
the wavy-stratified flow regime, whereas in the annular flow
regime, the heat transfer coefficient increased with vapour
quality.

In small channels, as surface tension forces dominate
gravity forces (see Section 3.6), the gravity does not exert
influence on the flow pattern inside tubes any more. Carey
and co-workers [2,35] compared horizontal and vertical flow
boiling data for the same offset-strip fin geometry (Table 1)
and showed that the boiling heat transfer coefficients were in
good agreement.

5.6. Effect of surface tension for an offset-strip fin geometry

Carey [73] studied the role of surface tension on heat
transfer in a low vapour quality and low flow rate channel
characterised by offset-strip fin surface. He presented a
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Fig. 13. Schematic cross section of two-phase flow through an offset strip
fin array at low quality (Carey [73]).

schematic cross section of a slug flow of water and air
through an offset fin matrix (Fig. 13). It can be seen that
vapour bubbles must squeeze through the narrow passage
where one fin ends and another begins. When the liquid–
vapour interface contacts the fin, surface tension forces will
affect the bubble motion. A bubble at the narrow passageA

can only pass through if there is a net downstream force on
the bubble. Carey [73] made the balance of forces acting on
a vapour bubble flowing in the fin matrix and deduced that a
minimum value of void fraction and hence a minimum value
of the heat transfer coefficient (according to the Chilton–
Colburn analogy) was required before the downstream force
due to the friction pressure gradient acting across the bubble
could overcome the surface tension and buoyancy forces
acting on the bubble and push the bubbles through the
matrix. If the void fraction is below this minimum value,
bubbles will be held back until vapour generation raises the
void fraction to the required minimum value. This explains
why, at low flow rates, in the slug flow region, the surface
tension has a retarding effect on vapour motion and the
boiling heat transfer coefficients appear to level off at a
minimum value asx tends towards zero (Fig. 6). This
enhancement of heat transfer was found to be consistent
with trends in convective boiling heat transfer data obtained
by Robertson [12] and Robertson and Lovegrove [13]
(Table 1).

According to Carey [5], for annular flow in small-scale
finned surfaces, surface tension also produces the Gregorig
effect in which liquid is drawn into corner regions because
of pressure gradients induced by changes in curvature
of the interface. The Gregorig effect acts to make the
liquid film thicker in the corner regions and thinner in
the centre of flat surfaces in the passage. This serves to
enhance convective boiling heat transfer in finned surfaces
if sufficient liquid is present to keep the surfaces fully
wetted. If, on the other hand, the thinned portions of the
film become locations where premature dryout occurs, the
Gregorig effect may decrease heat transfer performance of
the surface.

6. Characteristics of nucleate flow boiling in small
channels

Nucleate boiling is observed to be the predominant
heat transfer mechanism (characterised by a heat transfer
coefficient dependent on heat flux and independent of mass
flux and vapour quality), for three flow patterns:

• the isolated bubbles flow,
• the confined (or coalesced) bubbles flow, in which

case the heat transfer mechanism is more specifically
called “the confined bubble boiling” rather than nucleate
boiling by Kew and Cornwell [9] (Table 2),

• the slug flow in some studies.

As examples of flows observed in the nucleate boiling
region, according to Wambsganss et al. [24] (Table 2), the
thick-liquid regions of slug flow were more likely to support
nucleation than the thin liquid films of annular flow. In
the study of Feldman [37] (Table 1), the flow observed
was the isolated or confined bubbles flow. Indeed, for her
tests, the Confinement number remained equal to 0.5 which
corresponds to the transition criterion used by Cornwell and
Kew [3] (Table 2) to distinguish the confined bubble regime
from the isolated bubble regime. In other studies [16,45,
47,48] (Table 3), according to the channel dimensions, as
explained in the next section with more details, the flow was
either the isolated bubbles flow or the confined bubbles flow.

In the coalesced bubble and slug flow regions, the heat
transfer mechanism is categorised as nucleate boiling due
to the dependence of heat transfer coefficients on heat
flux. More precisely, researchers [9,20] (Table 2), [16,45,
48] (Table 3), [58,61,76,77] concluded that thermal transport
was due mainly to two mechanisms: conduction through and
evaporation of the thin liquid film which appeared when
a bubble passed by the heated surface, and the sensible
heat transport caused by substitution of the superheated
liquid swept away by the bubble with the liquid at bulk
temperature after the bubble transit. In particular, Ishibashi
and Nishikawa [45] (Table 3) considered that heat transfer
mechanism in the coalesced bubble region was due to
periodical displacement of the liquid with the bubbles,
based on the observation of bubble generating behaviour.
They showed that in the coalesced bubble region, bubble
emission frequencyN controlled the boiling heat transfer
mechanism. For given fluid and space dimension, they
established that the heat transfer coefficient was proportional
to N2/3. According to Kew and Cornwell [9] (Table 2), the
proportion of the tube length which is occupied by bubbles at
any one time is a function of the heat flux, which determines
the propensity of bubbles to nucleate on the wall and the net
rate of vapour generation. The processes are thus similar to
those occurring during nucleate pool boiling, except that the
bubbles are constrained during their expansion. The work of
Aligoodarz and Kenning [82] involved measurement of the
variation in wall superheat during the passage of a sliding
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coalesced bubble through a narrow channel. They observed
that the temperature variations were similar to those due to
microlayer evaporation under pool boiling bubbles.

6.1. Effect of channel dimensions on heat transfer
characteristics and associated flow patterns

Studies in small channels or confined spaces have demon-
strated that channel dimensions can have a critical role
in determining heat transfer mechanisms and a strong ef-
fect on the heat transfer coefficient. At a given heat flux,
it is deduced from many investigations [3,8,17,20,25] (Ta-
ble 2), [16,45–50] (Table 3), [27,29,58,59,77,83] that there
is a critical size below which boiling heat transfer is en-
hanced as the channel or gap size further decreases. Above
that critical size, there is nearly no influence of channel size
on heat transfer. For example, for flow boiling in annuli, Ar-
itomi et al. [50] (Table 3) observed that boiling heat transfer
increased with a decrease in the channel gap for gaps smaller
than 2 mm, whereas for bigger gaps, it was not influenced by
the gap size any more. Xia et al. [16] and Mertz et al. [49]
(Table 3) determined a critical size approximately equal to 3
mm. Most of the authors observed that nucleate boiling was
greatly intensified in a small channel and that the wall su-
perheat for flow boiling might be much smaller than that of
larger tubes for the same wall heat flux. For example, about
nucleate boiling in annuli, Aoki et al. [47] (Table 3) found
that as the gap width decreased, the boiling curve shifted to
the left and the heat transfer coefficient increased.

In fact, at a given heat flux, as the channel dimension
is reduced, the flow pattern progressively passes from an
isolated bubbles flow to a confined bubbles regime (see
Section 3.4.1) and among the previous authors, most of
them have concluded that while little enhancement of
heat transfer coefficient can occur in the isolated bubble
region, it is most pronounced in the confined bubble region.
Therefore, the critical size defining the changes in heat
transfer trends coincides with the one defining the transition
between the isolated bubble and confined bubble regimes.
For example, according to Ishibashi and Nishikawa [45]
(Table 3), Nishikawa and Fujita’s [59] results about nucleate
boiling in annuli, in the isolated bubble regime for a
clearance more than 3 mm, the heat transfer coefficient is
proportional tos−0.13, whereas in the confined bubble region
for a space dimension less than 3 mm, it is proportional to
s−2/3. Fujita et al. [48] obtained in their experimental study
of nucleate boiling heat transfer in narrow space between
rectangular surfaces (Table 3), at gaps of 2 and 0.6 mm,
that an isolated bubble at low heat flux was squeezed and
flattened and grew rapidly to cover the width of the heating
surface, enhancing heat transfer markedly in comparison
with an unconfined space. For flow boiling in a rectangular
channel, in the isolated bubble region, Cornwell and Kew [3]
(Table 2) suggest thatα = f (s−0.2). Moreover, the same
authors [3,58] have introduced the Confinement numberCo
for taking into account of heat transfer increase produced

by a small channel dimension. They suggest that the effects
of confinement are significant for channels having hydraulic
diameters such that the confinement number is in excess of
0.5. Thus, that criterion allows to determine the value of the
critical size of the channel defining the transition between
the isolated bubble and confined bubble regimes and below
which heat transfer is influenced by gap size, for given fluid
and pressure.

Enhancement of heat transfer in small channels as com-
pared with larger ones was attributed to the increased bub-
ble activity or the microlayer of liquid beneath the bubble
becoming thinner with a decrease in the gap size hence con-
tributing to an increase in sensible heat transport, to the re-
moval of the superheated liquid carried out by the bubble
transit along the heated surface and an associated increase in
evaporation rate of this film [16,45–48,50] (Table 3) [77,84].
More precisely, according to Ishibashi and Nishikawa [45]
(Table 3), the heat transfer coefficient in the coalesced bub-
ble region is increased by the forced tearing off of the bound-
ary layer due to the bubbles. Aritomi et al. [50] (Table 3)
underlined that the number of bubbles departing from the
heated wall increased inversely with the cross-section of the
channel. Consequently, the turbulence induced by bubble de-
parture was enhanced. Fujita et al. [48] (Table 3) explained
that at lower heat flux, the heat transfer was enhanced due to
the two-phase mixture agitation in a narrow space. Jensen et
al. [46] (Table 3) showed that the much larger vapour masses
observed in the confined portions than in the unconfined por-
tion were responsible for higher heat transfer coefficients.
Moreover, according to Chernobyl’skii and Tananaiko [84],
probably in the isolated bubble region, the increase of heat
transfer coefficient with reduced space dimension is due to
the fact that the size of the vapour bubbles is reduced, the tur-
bulence of the flow is increased and the overall vapour con-
tent of the mixture rises. The trajectories of the small vapour
bubbles are transferred to the periphery and the liquid is vio-
lently agitated: this leads to a high rate of heat removal from
the heated wall.

Nevertheless, several authors concluded that, at fixed
moderate heat flux, the heat transfer coefficient increased
up to a certain maximum value with decrease of the gap
size, while degradation occurred for a further decrease of
the gap size [3,20] (Table 2), [16,46,48] (Table 3), [85]. For
example, the variation of the boiling heat transfer coefficient
with gap size and the boiling curves obtained experimentally
by Xia et al. [16] are presented in Fig. 14(a) and (b),
respectively. Basing on the previous authors’ results on
boiling heat transfer in narrow channels, the heat transfer
coefficients trends against gap sizes for different heat
fluxes are presented in Fig. 15(a).s3 represents the critical
size defining the transition between the isolated bubble and
confined bubble regimes. For low heat flux (for example,
q̇1), the heat transfer coefficient is enhanced with a decrease
in the gap size. For higher heat fluẋq2, with decreasing
gap size, the heat transfer coefficient increases first, then
decreases. For still higher heat flux(q̇3), heat transfer is
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(a)

(b)

Fig. 14. Experimental data of Xia et al. [16] (Table 3): (a) Variation of
boiling heat transfer coefficient with gap size, (b) Influence of gap size on
boiling curve.

degraded with a decrease in the gap size. Therefore, there
exists an optimum gap size depending on heat flux (equal
to s2 for heat flux q̇2, for example) at which the boiling
heat transfer coefficient reaches its maximum. As shown in
Fig. 15(a), this optimum gap size increases with heat flux.
According to the previous researchers, for fixed heat flux,
the decrease in heat transfer coefficient with the reduction of
gap size below an optimum value is due to the transition at
this optimum value from nucleate boiling to dryout region,
reducing the heat transfer as compared with larger gap
sizes. For example, in their experimental study of nucleate
boiling in a vertical narrow space, Fujita et al. [48] (Table 3)
obtained that for gap sizes = 0.15 mm, the heat transfer
rate was less than for larger gap sizes or unconfined boiling,
because most of the heating surface was covered with vapour

Fig. 15. Effect of gap size on (a) heat transfer coefficient, (b) boiling curve.
Trends deduced in part basing on [3,8,16,17,20,25,27,29,45–50,58,59,77,
85].

and the wetted area was very small compared with the total
heating surface.

6.2. Effect of heat flux—Correlation for heat transfer
coefficient

The major part of the researchers [7,25] (Table 2), [45,
49] (Table 3), [59,68,86] who worked in the nucleate pool or
flow boiling region, whatever the geometry of the exchange
surface, found that their data could be reasonably correlated
with a power function relationship between heat transfer
coefficient and heat flux (Fig. 4(c)):

αnb = Cq̇n (10)

with

q̇ = αnb"Tsat (11)

where C and n are functions of geometry, size, fluid
properties and pressure.

These data can be correlated with a power function
relationship between heat flux and wall superheat as well,
by combining Eqs. (10) and (11) (Fig. 5):

q̇ = C1/(1−n)"T
1/(1−n)
sat (12)
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It has been shown [68] that the heat transfer coefficient in
purely nucleate flow boiling in large channels is similar to
that in pool boiling for the same fluid at the same pressure.
According to the authors who studied nucleate boiling in
large tubes [68,86,87] and several others in narrow spaces [7,
25] (Table 2), [45,49] (Table 3), exponentn remains between
0.50 and 0.75. Kew and Cornwell [9] (Table 2) deduced,
concerning their measured boiling heat transfer coefficients
in single, small-diameter tubes (Table 2), in the confined
bubbles flow region, that simple nucleate pool boiling
correlations, such as that of Cooper [68], best predicted the
data. They observed that boiling heat transfer processes in
narrow tubes were similar to those occurring during nucleate
pool boiling, except that the bubbles were constrained during
their expansion. It is therefore logical that correlations like
nucleate pool boiling correlations (withC depending on
channel dimensions) give reasonable results when applied
to narrow tubes. Ishibashi and Nishikawa [45] (Table 3)
also obtained with several fluids (water, sodium oleate and
saponin) that in the coalesced bubble region as in the isolated
bubble region in their annuli, the relation between heat
transfer coefficient and heat flux was expressed by Eq. (10),
with n= 2/3.

Nevertheless, for large enough heat fluxes, several au-
thors [3] (Table 2), [16,48,49] (Table 3), [27,85] found that
the slope of the boiling curve (log–log plot of heat flux
against wall superheat) for nucleate flow boiling in small
channels, equal to 1/(1 − n), became weaker than for large
tubes. In particular, Galezha et al. [27] who suggested a
nucleation-dominant mechanism for their test conditions
with offset strip fin surfaces showed that the heat transfer co-
efficient varied with heat flux to approximately the one-third
power. Cornwell and Kew [3] (Table 2) also found that for
their tests with R113 (Table 2) the heat transfer coefficient
varied with heat flux to approximately the one-third power.
In Fujita and Uchida [85] for water boiling between plates at
various spacings, it can be seen that exponentn varies from
0.7 for the unconfined state to 0.3 forCo= 0.6. In fact, by
referring to the previous section and the interesting study of
Xia et al. [16] (Table 3, Fig. 14), these results can be in-
terpreted. Basing on the previous authors’ results on boiling
heat transfer in narrow channels, beside the heat transfer co-
efficients trends against gap sizes presented in the previous
section (Fig. 15(a)), the typical trends of the boiling curves
for different gap sizes are presented in Fig. 15(b). By refer-
ring to the explanations given in the previous section, it is
expected that the decrease in the slope of the boiling curve
with the decrease in gap size at high enough heat fluxes, as
shown in Fig. 15(b) is due to transition from nucleate boil-
ing to dryout region when reducing the gap size at a fixed
heat flux. These interpretations are confirmed by the results
of Fujita et al. [48] (Table 3). Indeed, in narrow gaps of 2
and 0.6 mm, at high heat flux, they deduced that bubble gen-
eration became more frequent and stable than at low heat
flux. Partial bubble accumulation was observed on the up-
per part of the heating surface, which reduced the slope of

the boiling curve as compared with larger spaces and there-
fore the enhancement rate of heat transfer as compared with
low heat fluxes. Ishibashi and Nishikawa [45] also obtained
for their tests with ethyl alcohol (Table 3) that below a crit-
ical heat flux CHF (heat flux required to initiate dryout), in
the coalesced bubble region, coefficientn was equal to 2/3,
whereas above that critical heat flux, coefficientn became
equal to 0.12.

The trends of the boiling curves in Fig. 15(b) have
been deduced also by inspecting the fact that critical heat
flux CHF decreases with the reduction of gap size, which
was observed by various authors [16,46–48] (Table 3), [78,
85]. For example, Jensen et al. [46] (Table 3) observed in
confined annular geometries, decreases in CHF, compared to
an unconfined tube, of up to a factor of 10. They developed a
correlation relating the CHF at dryout to the geometry and to
several fluid properties in which the CHF is proportional to
clearance and inversely proportional to annulus length. At
the opposite, surprisingly, according to Kureta et al. [44]
(Table 2), Ammerman and You [83], in their experimental
studies of forced flow boiling in small channels, the critical
heat flux increases when channel size and heated length
decrease.

6.3. Effect of channel geometry

Few studies dealing with the effect of channel geometry
(circular or rectangular channels, plain or serrated-fin chan-
nels) on nucleate boiling heat transfer for channels of given
hydraulic diameter have been found. Tran et al. [25] (Ta-
ble 2) deduced from their experimental data that boiling heat
transfer rates were comparable in small circular and rectan-
gular channels of approximately the same hydraulic diame-
ter, showing that there was no significant geometry effect for
the two channels tested in the nucleate flow boiling region.
Galezha et al. [27] reported the testing in the nucleate boiling
region of four different offset-strip fin surfaces and one plain
fin surface. The heat transfer coefficient was the highest for
the surface having the shortest interruption length. A com-
parison of an offset-strip fin surface with a plain fin surface
of the same geometry showed the boiling heat transfer co-
efficient to be higher with the offset-fin surface by approxi-
mately 50%.

6.4. Effect of surface tension

No experimental study evaluating the effect of surface
tension on the nucleate boiling heat transfer except Ishibashi
and Nishikawa’s [45] (Table 3) was found. According to
these authors, the effect of surface tension depends on
the flow pattern. While surface tension was shown to
have an effect on heat transfer coefficient in the isolated
bubble region, in the coalesced bubble region, no surface
tension effect was observed. They deduced that the bubbles
were squeezed within a narrow space, and regardless of
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surface tension, the behaviour of the generated bubbles was
regulated by the heat flux and the space dimension.

6.5. Effect of pressure

As for surface tension, the effect of pressure on the
nucleate boiling heat transfer coefficient was shown by
Ishibashi and Nishikawa [45] (Table 3) to depend on the flow
pattern. They observed the effect of pressure to be opposite
in the isolated bubbles and confined bubbles regions. Indeed,
they found that the increase in pressure, at a constant heat
flux, caused the augmentation of heat transfer coefficient in
the isolated-bubble region (α proportional top0.4) whereas
it caused its diminution in the coalesced-bubble region (α

proportional top−0.353).

7. Flow boiling heat transfer correlations

In compact heat exchangers, the heat transfer correlations
are complicated by the strong dependence on channel size
for some flow regimes. For large channels, many literature
correlations, either correlations for one of the mechanisms,
nucleate or convective boiling or correlations containing two
terms, one for nucleation and one for convection, are avail-
able to predict the heat transfer coefficient. At the opposite,
in compact heat exchangers, validated correlations are lack-
ing. Some interesting correlations valuable in channels of
small dimensions, in the convective or nucleate boiling re-
gions, are reported in the following sections.

7.1. Convective boiling correlations (in the annular and
slug flow regions)

Convective boiling correlations express the heat transfer
coefficient as a function of fluid properties, mass flux, vapour
quality and channel geometry/dimensions. The convective
boiling correlations (in the annular or slug flow region)
deduced from test data obtained by different authors are
given in Table 4 with the geometries, tests conditions and
fluids also reported. Almost all the authors obtain that their
annular flow boiling data are reasonably correlated in terms
of F and 1/X with, for most of them,X =Xtt since their test
conditions correspond to turbulent vapour and liquid phases.

In the convective boiling dominant region, for predicting
his experimental boiling coefficients obtained from tests
with nitrogen in perforated-fin channels, Robertson [31]
(Table 1) proposed an empirical correlation of the form
F = 7X−0.36.

Carey [73] proposed a method of predicting forced con-
vective heat transfer coefficients in offset fin heat exchanger
geometries, in the slug and turbulent annular flow regions
that accounts for surface tension effects in the slug flow re-
gion. This method was found to predict values ofα which
agreed well with the data of Robertson [12] and Robertson

and Lovegrove [13] in the convective boiling region, for an
offset-strip fin geometry (Table 1).

Mandrusiak and Carey [2] deduced that for all offset fin
geometries considered in their study (Table 1), their data
for turbulent annular film-flow evaporation were found to
correlate well in terms ofF factor and Martinelli parameter
Xtt, using an approximate curve fit to theirF -parameter
data. Also in the same way, they correlated the measured
values of Robertson [12] and Robertson and Lovegrove [13]
(Table 1) in the turbulent annular film-flow region.

Troniewski and Witczak [41] correlated their experimen-
tal boiling data for the case of turbulent annular film flow
evaporation of water in rectangular vertical and horizontal
ducts (Table 2).

Chen [65] developed the first successful graphical rela-
tionship for convective flow boiling in vertical tubes of liq-
uids withPrL close to unity. The Chen [65] prediction line
of F -versus 1/Xtt was based on 594 data points, including
water and five organics from six data sources, but the author
did not propose any correlation for his prediction line. The
latter was correlated later by Kenning and Cooper [42] (Ta-
ble 2) in terms ofF factor and Martinelli parameterXtt. The
Dittus–Boelter correlation was selected to evaluateαL.

Kenning and Cooper [42] also correlated their own
experimental data in the fully-developed convective heat
transfer region, in the annular and slug/churn flow regions,
for flow boiling of water in 9.6 and 14.4 mm diameter
tubes (Table 2). The authors deduced that convection in
the turbulent annular flow regime was well described by a
modified Chen correlation. They also underlined that their
correlation was inaccurate for liquids with large values of
Prandtl number.

Wadekar [70] formulated a simple new correlation for
the convective component of flow boiling heat transfer that
predicts the data equally well for water, organic fluids
and refrigerants, for both vertical and horizontal flows
with channel geometries as different as tubes and plate-fin
passages. This correlation relates theF factor to a parameter
Y based on quality, reduced pressure and molecular weight
in the turbulent annular flow region. With this approach,
a knowledge of vapour phase density and viscosity is
not required to calculate the two phase flow heat transfer
coefficient. The inconvenience of this method is that it can
be applied only to a flow with a turbulent liquid film.

Wattelet et al. [11] deduced that heat flux had minimal
effects on their experimental data on boiling heat transfer
coefficient in an horizontal circular tube in the turbulent
annular flow regime (Table 2). They correlated their data
using a purely convective relation where theF factor is only
a function ofXtt.

7.2. Nucleate boiling correlations

Nucleate boiling correlations express the heat transfer co-
efficient as a function of heat flux, fluid properties, fluid pres-
sure and channel dimensions. Kew and Cornwell [9] (Ta-



B
.W

a
te

l/In
te

rn
a
tio

n
a
lJo

u
rn

a
lo

fT
h
e
rm

a
lS

cie
n
ce

s
4
2

(2
0
0
3
)

1
0
7
–
1
4
0

135

Table 4
Literature convective boiling correlations

Authors of Literature correlations Data sources, Fluids Geometries, test conditions
correlations

Robertson [31] F = 7X−0.36 Robertson [31], Nitrogen Vertical perforated-fin geometry (Table 1),
Annular flow, 60� ṁ� 115 kg·m−2·s−1,
0.03� x � 0.8 (0.3� 1/X � 30), 1.45� PrL � 2

Carey [73] In the slug flow region, Robertson [12], Nitrogen Vertical offset strip-fin geometry (Table 1),
α/αL0 = Pr0.296

L (1+ 0.3400.68) Robertson and Lovegrove [13], R11 PrL = 2− 2.25

Ω = [ 2Re0.198
TL

γ1We

( Dh

Dhs

)
(1− 0.25Bo)

]1/2

γ1 = 1.136(Lf /Dh)
−0.781(δ/Dh)

0.534

Dhs = hydraulic diameter of small passage at end of fin

αL0 = 0.242(Lf /Dh)
−0.322(δ/Dh)

0.089(λL/Dh)Pr1/3
L

Re0.632
T L

We(Weber number)= ṁ2Dhs/(σρL)

Bo (Bond number)= (ρL − ρV )gD
2
hs

sinθ/σ

In the turbulent annular flow region,
F = Pr0.296

L
× 1.65(1/Xtt + 0.60)0.78

1/Xtt = (νV /νL)
0.099(ρL/ρV )

0.401(x/(1− x))0.901 for 1/Xtt > 0.1

αL = 0.242(Lf /Dh)
−0.322(δ/Dh)

0.089(λL/Dh)Pr1/3
L

Re0.632
L

For any set of conditions,α = max(αslug, αannular)

Mandrusiak and F = α/αLp = Pr0.296
L (1+ 28/X2

tt)
0.372 Mandrusiak and Carey [2] Vertical offset strip-fin geometry (Table 1),

Carey [2] 1/Xtt = (µV /µL)
n/2(ρL/ρV )

1/2(x/(1− x))1−n/2 Methanol, butanol, water, R113 Turbulent annular flow, 1� 1/Xtt � 60,

αLp =A(λL/Dhp)Pr1/3L Re1−n
Lp 1.8� PrL � 8.6

ReLp = ṁ(1− x)Dhp/µL
ConstantsA andn are chosen to provide
least-squares curve fits to the measured
single-phase heat transfer data for each test surface

Mandrusiak and F = Pr0.296
L

[
1+ 3.53

X
1/2
tt

+ 1.05
X2

tt

]1/2 Vertical offset strip-fin geometry (Table 1),

Carey [2] Turbulent annular flow
Robertson [12], Nitrogen 0.4� 1/Xtt � 20,PrL = 2 (Table 1)
Robertson and Lovegrove [13], R11 0.4� 1/Xtt � 20,PrL = 2.25 (Table 1)

Troniewski and F = 2.62(1/Xtt)
0.66(D/Dh)

1.03K0.06 Troniewski and Witczak [41], Water Rectangular channel (Table 2),
Witczak [41] αL = 0.023(λL/Dh)Pr0.33

L
Re0.8

L
Turbulent annular flow,PrL = 1.7

1/Xtt = (µV /µL)
0.1(ρL/ρV )

0.5(x/(1− x))0.9

D/Dh =H−0.5(H + 1/H + 2)0.5

K = 1 for vertical ducts
K =H for horizontal ducts
(H = ratio of sides in rectangular duct)

Kenning and F = 1+ 1.8X−0.79
tt Data presented by Chen [65] but coming Circular tube,

Cooper [42] αL = 0.023(λL/D)Pr0.4
L

Re0.8
L

from other sources, water, methanol, Turbulent annular flow
1/Xtt = (µV /µL)

0.1(ρL/ρV )
0.5(x/(1− x))0.9 cyclohexane, pentane, heptane, benzene
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ṁ
=

29
0

kg
·m

−2
·s−

1
,

R
ob

er
ts

on
an

d
W

ad
ek

ar
[9

1]
,E

th
an

ol
10

.7
m

m
di

am
et

er
ve

rt
ic

al
tu

be
,

ṁ
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ble 2) found that simple nucleate boiling correlations pre-
dicted relatively well their heat transfer coefficients results
in single narrow tubes, in the confined bubbles flow region
(see Section 6.2). Some of the most widely used nucleate
boiling correlations valuable for large geometries and ex-
tensible to smaller geometries in some cases are those by
Cooper [68,88,89] and Gorenflo [87]. They have been re-
ported in Table 5. Cooper [88] used some 6000 pool boiling
data points from published sources, relating to over 100 ex-
periments. Cooper [68] used five sources for up or down flow
of water in tubes, for which he identified the nucleate part.
He concluded that the correlation in pool boiling can be used
to give the trend of the heat transfer coefficient in nucleate
flow boiling. The Gorenflo [87] procedure allows to calcu-
late the pool boiling heat transfer coefficient. For a given
fluid, it uses a base pool boiling heat transfer coefficient
αnb,0 at normalised conditions ofpred = 0.1, Ra = 1 µm,
q̇0 = 20000 W·m−2, determined by predictive methods or
from data. Nevertheless, Kew and Cornwell [58] also under-
lined that pool boiling correlations often have no geometric
components although the influence of surface angle and tube
diameter for example have shown to be important. Indeed, as
detailed in Section 6.1, nucleate boiling is enhanced in small
channels at low wall superheats above that predicted by a
pool boiling correlation. Consequently, different authors de-
duced that there was a need of a new correlation that ac-
counts for the enhancement in small channels. Such corre-
lations were proposed by Ishibashi and Nishikawa [45] (Ta-
ble 3) and Tran et al. [7] (Table 2) and have been reported
in Table 5. Ishibashi and Nishikawa [45] correlated all their
experimental data obtained for the coalesced bubble region
in various annuli, for the experimental conditions given in
Table 3, using dimensionless characteristic numbers. Their
correlation gives a heat transfer coefficient proportional to
q̇2/3s−2/3. Tran et al. [7] developed a new correlation for
heat transfer in nucleate flow boiling in small circular and
non circular channels. For this, they used as a data base the
tests carried out by Wambsganss et al. [24], Tran et al. [6,
25] with R113 and R12 and new tests with R 134a, over a
range of pressures (0.045� pred� 0.20) (Table 2), in circu-
lar, rectangular and square channels, by taking only the tests
with "Tsat> 2.75 K. Tran’s correlation introduces a con-
finement number to account for the heat transfer enhance-
ment in small channels due to the confinement effect. This
correlation also includes surface tension, an important fluid
property in small-channel flow boiling.

7.3. Correlations accounting for both heat transfer
mechanisms, convective and nucleate boiling

As it has been underlined in Section 4, to evaluate the
heat transfer coefficient accounting for both heat transfer
mechanisms, the asymptotic model defined by Eq. (4) with
m→ ∞, i.e.,α = max(αcv, αnb), is the most adapted to flow
boiling in small channels. In this model, the nucleate and
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Table 5
Literature nucleate boiling correlations

Authors of correlations Literature correlations

Cooper [68,88,89] Eq. (10) withC = 55M−0.5p0.12
red (− log10pred)

−0.55, n= 0.67

Gorenflo [87] Eq. (10) withC = αnb,0

(q̇0)
0.9−0.3p0.3

red

[
1.2p0.27

red + pred
(
2.5+ 1

1−pred

)]
, n= 0.9− 0.3p0.3

red

Ishibashi and Nishikawa [45] In the coalesced bubble region,Nu= 200Fo−2/3 Pr−2/3
L

(ρL/ρV )
−1/2 whereNu= αs/λL, Fo = aL/(Ns2), N = 1.365×

10−9q̇s−3/2 Pr1.627
L (ρL/ρV )

1.085, thus α proportional toq̇2/3s−2/3. In the isolated bubble region,α proportional to

q̇2/3s−0.13

Tran et al. [7] Eq. (10) withC = 770λL
Dh

( Dh
LvµL

Co
)0.62( ρV

ρL

)0.297
, n= 0.62

Table 6
Literature correlations accounting for both heat transfer mechanisms, convective and nucleate boiling

Authors of Literature correlations Data sources, Fluids Geometries, test conditions
correlations

Liu and Winterton Vertical or horizontal flow (forFr > 0.05): Data presented by Gungor and Winterton [81] Tube or annulus, 2.95�Dh � 32 (mm),
[90] α = [(Sαnb)

m + αmcv]1/m m= 2 collected from 30 different literature sources Turbulent liquid flow,
αnb = 55M−0.5p0.12

red (− log10pred)
−0.55q̇2/3 involving nine different fluids 12.4 � ṁ� 8179.3 kg·m−2·s−1,

S = [1+ 0.055E0.1 Re0.16
T L

]−1 348.9 � q̇ � 2.62× 106 W·m−2,
αcv =EαTL 569� ReT L � 8.75× 105,
E = [1+ x PrL(ρL/ρV − 1)]0.35 0.83� PrL � 9.1
αTL = 0.023(λL/Dh)Pr0.4

L
Re0.8

T L
In annuli, the heated equivalent diameter
is used instead ofDh

Horizontal flow andFr < 0.05:
Sαnb andαcv should be multiplied by√

Fr andFr(0.1−2Fr), respectively

Wattelet et al. α = [αmnb + αmcv]1/m m= 2.5 Wattelet et al. [14], R12 and R134a Horizontal circular tube (Table 2),
[14] αnb = 55M−0.5p0.12

red (− log10pred)
−0.55q̇2/3 Turbulent annular flow,

αcv = FαLR 3� PrL � 4
F = 1+ 1.925X−0.83

tt
αL = 0.023(λL/Dh)Pr0.4L Re0.8L
R = 1.32Fr0.2 if Fr < 0.25
R = 1 if Fr > 0.25
Xtt = (µL/µV )

0.1(ρV /ρL)
0.5((1− x)/x)0.9

convective boiling components can be evaluated by either of
the correlations proposed in the two previous sections.

Besides, two recently obtained correlations using an
asymptotic form with 1< m < 3 have been reported in
Table 6. Liu and Winterton [90] successfully developed
a flow boiling correlation for vertical and horizontal flow
in tubes and annuli. The data used in developing their
correlation are the same as those described in Gungor
and Winterton [81]. They were collected from 30 different
literature sources involving nine different fluids. The data
bank contains 4202 data points for saturated boiling. Liu
and Winterton [90] showed that theF factor should have
a Prandtl number, vapour quality andρL/ρV dependence.
The Dittus–Boelter correlation was selected to evaluate
αL. The Cooper [88,89] correlation was selected for the
nucleate boiling term. If the tube is horizontal and the Froude
number less than 0.05, the authors included Froude number
correction factors in their correlation. Compared with the
saturated boiling data used in developing the equations,

the new correlation is more reliable than any of the other
correlations tested [63,65,80,81].

Using their experimental data on boiling heat transfer
coefficient in an horizontal circular tube (Table 2), Wattelet
et al. [14] modified an empirical correlation developed for
annular flow data using an asymptotic form to account
for the decrease in heat transfer due to wavy-stratified
flow pattern in horizontal flow for low mass fluxes (see
Section 5.5). The Cooper [88,89] correlation was selected
for the nucleate boiling term, while for the convective
boiling term, a modified form of the convective term
in the Chen [65] correlation was selected. The Dittus–
Boelter correlation was selected to evaluateαL. For low
mass fluxes, a Froude number correction was added to
the convective boiling term to account for the decrease
in available convective heat transfer area and a loss of
turbulence. This correction offsets the overestimation of
the single-phase liquid heat transfer coefficient through use
of the Dittus–Boelter correlation for tests with Reynolds
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numbers below 10 000. This correlation predicted both the
annular and wavy-stratified flow data well.

8. Conclusions

Thanks to their numerous advantages (small size, low
weight, low cost), compact evaporators are attractive for use
in the transportation (vehicular, aircraft, airspace) industry.
Even if their use has become extensive in that industry, there
is always a lack of an established design methodology and
accompanying data bases. At present, design advancement
is made on the basis of experience and experimentation on
prototype units. The process industries are also interested in
use of compact heat exchangers for phase-change heat trans-
fer applications. However, design correlations and industrial
standards are lacking and are impeding their application and
use.

The reviewed experimental studies, whose channel geom-
etry/size, test conditions and fluids have been reported in Ta-
bles 1, 2 and 3 allowed to obtain information on boiling char-
acteristics for a very large range of parameters. In parallel,
as the interpretation of heat transfer mechanisms requires a
knowledge of the prevailing flow regimes, the flow pattern
configurations susceptible to be observed successively dur-
ing flow boiling in small vertical heated channels with in-
creasing vapour quality have been described. In addition to
the usual parameters having an effect on the observed flow
pattern (mass flux, heat flux, fin geometry, orientation, pres-
sure), it has been shown that the passage dimensions have
a strong effect. Especially, for test conditions correspond-
ing to nucleate boiling dominance, whereas isolated bub-
bles are observed in large channels, a confined bubbles or
slug flow regime is more usually observed in small chan-
nels. The typical trends of heat transfer coefficient against
mass flux, vapour quality and heat flux deduced from the lit-
erature results are quite different in the two regions of boil-
ing, nucleate and convective boiling regions. The analysis of
the heat transfer mechanisms in small passages also showed
that the transition between the two boiling regions was rather
abrupt. Thus it is easy to distinguish between the two dom-
inant mechanisms of boiling and determine for which range
of parameters each heat transfer mechanism is predominant.
Moreover, to correlate the heat transfer coefficient, the as-
ymptotic model where the heat transfer coefficient is equal to
the larger one of the convective or nucleate boiling compo-
nent is the mostly adapted. The characteristics of convective
and nucleate boiling in small channels, with associated flow
patterns to each boiling region, have been developed sepa-
rately. In particular, in the convective boiling region, the as-
sociated flow pattern is either the intermittent flow including
the slug and churn flows at low mass fluxes and low vapour
qualities and the non-intermittent flow including the annular
flow at higher mass fluxes or vapour qualities. In this region,
the parameters with the stronger influence on heat transfer
and flow pattern are mass flux, vapour quality and fin geom-

etry. Especially the use of small scale enhanced passages,
like serrated or perforated plate-fin passages can substan-
tially enhance the heat exchanger performance. In the nu-
cleate boiling region, the associated flow pattern is either the
isolated bubbles flow or the confined bubbles flow and the
parameters with the stronger influence on heat transfer and
flow pattern are channel dimensions and heat flux. The de-
crease in channel dimensions can considerably enhance the
heat-exchanger performance as long as the heat flux is lower
than the critical heat flux. For large channels, many literature
correlations (either correlations for one of the mechanisms,
nucleate or convective boiling or correlations containing two
terms, one for nucleation and one for convection) are avail-
able to predict the heat transfer coefficient. At the opposite,
in compact heat exchangers, validated correlations are lack-
ing and are complicated by the strong dependence on chan-
nel size for some flow regimes. Some interesting correlations
valuable for channels of small dimensions, in the nucleate
boiling or convective boiling region have been reported. The
reported nucleate boiling correlations express the heat trans-
fer coefficient as a function of heat flux, fluid properties,
fluid pressure and channel dimensions. Convective boiling
correlations express the heat transfer coefficient as a func-
tion of fluid properties, mass flux, vapour quality and chan-
nel geometry/dimensions.

Thus, the present work has provided valuable insights and
understandings of the heat transfer mechanisms and channel
geometry/ size effects, among other things. Nevertheless,
systematic studies are still required to generate a sufficient
technology base for the development of design correlations
and standards.
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